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Abstract
A plant utilizing a two-step reaction process, which takes a 95% ethanol stream (by mass) and produces a 98%
1,3-butadiene stream, was designed for this project. The production goal for this plant was 200,000 tonnes of
butadiene with the main motivation behind the project being the recent rise in butadiene prices. The process
first passes ethanol through a catalytic dehydrogenation reactor to convert ethanol to acetaldehyde and
hydrogen. A kinetic model was used to determine the reaction rates and operating conditions of the reactor.
The acetaldehyde intermediate is further reacted with ethanol in a catalytic reactor to form butadiene. A
hydrogen byproduct stream is also generated in this design and is purified for sale.
This report provides a design and economic analysis for the production of butadiene on the Gulf Coast.
Process flow sheets, energy and utility requirements, and equipment summaries are provided and analyzed.
Process profitability is sensitive to the cost of both ethanol and butadiene. It is shown that the plant is very
profitable for its expected 15-year lifespan with an expected internal rate of return of 40%, return on
investment of 34%, and net present value of $172,000,000 (for a discount rate of 15%). The process becomes
unprofitable if the price of ethanol increases to over $3.00/gallon. A combination of increased ethanol price
and decreased butadiene price will also cause the plant to be unprofitable. Therefore, plant construction is
only recommended given an acceptable price of ethanol and butadiene.
This working paper is available at ScholarlyCommons: http://repository.upenn.edu/cbe_sdr/42
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Letter of Transmittal   Burla, Fehnel, Louie, Terpeluk 
 
Mr. Leonard Fabiano 
University of Pennsylvania 
School of Engineering & Applied Science 
220 S 33rd Street 
Philadelphia, PA 19104 
April 10, 2012 
 
 
 
Dear Mr. Fabiano,  
 
We  have analyzed a two-step process of converting ethanol to 1,3-butadiene.  Enclosed is our 
solution to the design problem proposed by Mr. Bruce Vrana.  Our plant design involves two 
reaction sections, both of which use heterogeneous catalysts in fixed bed reactors, and two 
separation sections to purify the products and recycle the unreacted feed.  We have also designed 
a Dowtherm heating system for our process, which will supply heat to the reactor sections. 
 
This report provides details on the process equipment required and the potential profitability of 
the plant.  The design determined a liquid feed flow rate of 155,000 lb/hr of ethanol and a 
production rate of 56,000 lb/hr of butadiene.  Production was assumed to operate 24 hours a day 
for 330 days out of the year. 
 
The main capital investments for this project are the pressure swing adsorption unit, the reactors, 
and the multi-stage compressor, and the main variable investments are ethanol, steam, and 
natural gas.  Overall, our process appears to be very profitable, with a return on investment of 
34%.  However, this analysis is very sensitive to both the price of ethanol and butadiene. 
 
Uncertainties lie in the cost for purification of hydrogen and the selectivities of the reactions, 
both of which were based on estimates from industry.  Furthermore, no research has been done in 
recent years on the kinetics of the second reaction.  Detailed kinetics would allow further 
optimization to be achieved. 
 
 
Sincerely, 
 
 
 
________________      _______________        ______________        _______________                                              
Jonathan Burla              Ross Fehnel                   Philip Louie                Peter Terpeluk 
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1.0 ABSTRACT 
A plant utilizing a two-step reaction process, which takes a 95% ethanol stream (by mass) 
and produces a 98% 1,3-butadiene stream, was designed for this project. The production goal for 
this plant was 200,000 tonnes of butadiene with the main motivation behind the project being the 
recent rise in butadiene prices. The process first passes ethanol through a catalytic 
dehydrogenation reactor to convert ethanol to acetaldehyde and hydrogen. A kinetic model was 
used to determine the reaction rates and operating conditions of the reactor. The acetaldehyde 
intermediate is further reacted with ethanol in a catalytic reactor to form butadiene. A hydrogen 
byproduct stream is also generated in this design and is purified for sale. 
This report provides a design and economic analysis for the production of butadiene on 
the Gulf Coast. Process flow sheets, energy and utility requirements, and equipment summaries 
are provided and analyzed. Process profitability is sensitive to the cost of both ethanol and 
butadiene. It is shown that the plant is very profitable for its expected 15-year lifespan with an 
expected internal rate of return of 40%, return on investment of 34%, and net present value of 
$172,000,000 (for a discount rate of 15%). The process becomes unprofitable if the price of 
ethanol increases to over $3.00/gallon. A combination of increased ethanol price and decreased 
butadiene price will also cause the plant to be unprofitable. Therefore, plant construction is only 
recommended given an acceptable price of ethanol and butadiene.   
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2.0 INTRODUCTION  
1,3-butadiene is a chemical compound that is frequently used as a monomer in the 
production of synthetic styrene-butadiene rubber (SBR).  It is also used to make adiponitrile, an 
intermediate of nylon, as well as acrylonitrile-butadiene-styrene (ABS), vinylcyclohexene, 
cyclooctadiene, cyclododecatriene, cycloalkanes, cycloalkenes, polybutadiene, hexamethylene 
diamine, styrene-butadiene latex, chloroprene, and nitrile rubbers (Sun, 1992). 
Currently, the most widely used technique for production of butadiene is extraction from 
the unsaturated hydrocarbon mixture produced from steam cracking of saturated hydrocarbons.  
This process is practiced primarily in the United States, western Europe, and Japan.  Butadiene 
extraction usually involves large-capacity plants and consequently requires a high capital 
investment.  Furthermore, in recent years ethane has become less expensive and more common, 
and is being used increasingly as a feed in steam cracking.  The increase of ethane as a feedstock 
has resulted in lower production rates of butadiene, which in turn has raised the price of 
butadiene from $0.60/lb to over $1.60/lb today. 
Currently, the demand for butadiene is very high due to its diminished production, 
increased price, and many uses; thus an alternative large-scale production process of this 
chemical could be very profitable.  During World War II, a common method of producing 
butadiene was the two-step Ostromislensky process, in which ethanol is oxidized to acetaldehyde 
which then reacts with additional ethanol over a tantala-promoted silica catalyst to yield 
butadiene. 
(2.1) CH3CH2OH → CH3CHO + H2   
(2.2) CH3CH2OH + CH3CHO → CH2CHCHCH2 +  2H2O       
Before and during World War II, this process was used in the United States and the 
Soviet Union.  Since then it has not been used widely since it is less economical than the 
hydrocarbon extraction route, but it is still used in some parts of the world, such as China and 
India. The Ostromislensky process also has the benefit that it uses ethanol, a renewable resource, 
as its feedstock.  A shift to this alternative production process would therefore reduce society’s 
dependence on fossil fuels, a growing concern of our generation. 
The focus of this report is on the implementation of the Ostromislensky process in a 
large-scale industrial plant, which now has the potential to be highly profitable due to the 
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increase in butadiene price.  However, detailed research on the Ostromislensky process only 
occurred during the years shortly after World War II, and little research has been done since 
then.  The research that was done was carried out by the Mellon Institute for the Carbide and 
Carbon Chemicals Corporation, whose limited data was used as the basis for our design (Corson, 
1950). 
In the first step of the process, ethanol reacts over a heterogeneous catalyst to form 
acetaldehyde and hydrogen.  The reaction is endothermic and thus requires a heating source to 
maintain operating conditions.  The Carbide and Carbon Chemicals Corporation specifies the 
selectivity of the reaction at 92%.  The remaining 8% is associated with byproducts of the 
reaction which were not specified.  The catalyst type and conversion were also not specified and 
were therefore viewed as design parameters that could be used to optimize the process.   A 
significant amount of hydrogen is produced in this reaction, and thus a process of separating and 
purifying the hydrogen is also required.  
In the second reaction, acetaldehyde and additional ethanol react over a packed bed of 
tantala-silica catalyst to form butadiene and water.  Like the first reaction, the second reaction is 
endothermic and requires a heating source.  The Carbide and Carbon Chemicals Corporation 
specifies a conversion of 44.5%, as well as a selectivity of 55%.  Once again, it is assumed that 
the remaining 45% is associated with byproducts.  The chief byproducts include diethyl ether, 
acetic acid, ethyl acetate, n-butanol, 1-butene, ethylene, and hexadiene.  Unlike the first reaction, 
a significant amount of the reactants in the second step form unwanted byproducts.  Therefore, it 
is important to have a process that separates the butadiene from the byproducts, as well as 
recycles back the unreacted ethanol and acetaldehyde. 
 Our primary objective was to design a plant utilizing the Ostromislensky reaction that is 
capable of producing and purifying 200,000 tonnes of butadiene a year, while minimizing capital 
investment and maximizing profit.  Based on the information provided by the Carbide and 
Carbon Chemicals Corporation, we decided our plant design will include two reactor sections, as 
well as processes for purifying the effluent of each reactor and for supplying heat to each reactor.  
We chose to build our plant on the Gulf Coast in order to avoid the interharvest period in Brazil, 
when sugarcane and ethanol production stops, and we assumed the plant will operate 330 days 
per year. 
3.0 Project Charter  Burla, Fehnel, Louie, Terpeluk 
4 
 
3.0 PROJECT CHARTER 
Project Name:  Two-Step Production of 1,3-Butadiene from Ethanol 
Project Champions:   Mr. Leonard Fabiano,  Dr. Warren Seider, Dr. Talid Sinno, and  
  Mr. Bruce Vrana 
Project Leaders:   Jonathan Burla, Ross Fehnel, Philip Louie, Peter Terpeluk  
Specific Goals:   Development of a profitable production process to convert ethanol 
to 1,3-butadiene 
Project Scope:   In-Scope 
  Process design that is able to produce 200,000 tonnes of  
  butadiene annually 
Separation of products to produce a 98% pure butadiene product 
(by mass) 
  Maintain profit margin 
  Be environmentally friendly and safe to operate 
  Out-of-scope 
  Experimental and laboratory process optimization work 
  Production of catalysts 
  Distribution of products 
Deliverables:   Business opportunity assessment 
How large is the business opportunity for a non-fossil fuel route to 
butadiene? 
  Technical opportunity assessment 
Is it technically feasible to produce butadiene from ethanol on a 
large scale? 
 Economic feasibility assessment 
Is the process profitable, and can the facility be built without 
significant capital investment? 
Time Line:    Completed design in three months 
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4.0 CONCEPT ASSESSMENT 
4.1 MARKET AND COMPETITIVE ANALYSIS 
Butadiene is a very versatile raw material and is used to make synthetic rubbers, polymer 
resins, and a wide variety of other chemical intermediates. More than 75% of the butadiene 
produced goes into synthetic rubber products. The major uses include production of styrene-
butadiene rubber (30% to 35%), polybutadiene rubber (20% to 22%), adiponitrile (12% to 15%), 
styrene-butadiene latex (10%), neoprene rubber (5% to 6%), acrylonitrile-butadiene-styrene 
resins (5% to 6%), and nitrile rubber (3%).  Other uses include production of specialty polymers. 
The major end-use products containing styrene-butadiene and polybutadiene are tires. 
Other products include latex adhesives, seals, hoses, gaskets, various rubber products, nylon 
carpet backings, paper coatings, paints, pipes, conduits, appliance and electrical equipment 
components, automotive parts, and luggage. The only major nonpolymer use is in the 
manufacture of adiponitrile, a nylon intermediate (Sun, 1992). 
There are no direct substitutes to butadiene. However, our process for developing 
butadiene faces competition from current industrial production. In this process, butadiene is 
isolated by distillation or extraction from crude butadiene, which is a byproduct of hydrocarbon 
cracking. In 2009, 11 U.S. producers and 12 U.S. suppliers of butadiene were identified. 
Global consumption of butadiene is currently situated at roughly 11 million tonnes. 
Because U.S. demand for butadiene has exceeded the domestic supply in most years, imports 
have greatly exceeded exports. The demand in the global butadiene market is indicating 
reasonable growth – it is expected to grow at a rate of 3.9% annually over the next five to six 
years. However, supply of butadiene grows at a rate of 2.0% annually.  The butadiene market in 
developed countries is not a considerable contributor to this demand growth – developed markets 
have already reached their saturation point. The developing BRIC countries (Brazil, Russia, 
India, China) make up the major driver behind growth. This is principally due to the growing 
demand for SBR and polybutadiene rubber in these countries (Eldanel, 2010). 
Our plant has a production rate of approximately 200,000 tonnes per year, which would 
increase total production of butadiene globally by 2.0%, which is within the rate of increased 
demand.  As will be shown, at these production levels, a significant profit is obtained. 
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4.2 CUSTOMER REQUIREMENTS 
Butadiene production is a process dating back to the 1940s, and as such customers today 
expect a pre-specified butadiene purity level, dependent on the process the butadiene will next be 
used in. Butadiene can thus be classified as a fitness-to-standard (FTS) product rather than a 
new-unique-difficult (NUD) product. Specific customer requirements are difficult to find 
because the production process of butadiene has become so standardized given its long history 
that customer requirement-related issues are of minimal concern. Our process produces 98% 
pure butadiene (by mass), a lower purity bound we feel comfortable in supplying our customers 
with, given purity standards for common chemical feedstocks.  
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4.3 INNOVATION MAP 
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4.4 PRELIMINARY PROCESS SYNTHESIS 
There are two chief methods of producing butadiene from ethanol.  During World War II, 
butadiene was solely produced in the United States via the two-step, Ostromislensky process, in 
which ethanol is first dehydrogenated to acetaldehyde and then the ethanol-acetaldehyde mixture 
reacts further to form butadiene.  However, in Russia butadiene was also produced in a one-step 
process.  The one-step process uses a silicon-magnesium-chromium and silicon-magnesium-
tantalum catalyst.  Ethanol reacts over the catalyst and the following reaction mechanism occurs. 
CH3CH2OH → CH3CHO + H2 
2CH3CHO→ CH3(CH)3O+ H2O 
(4.1)   CH3(CH)3O + C2H5OH → CH2CHCHCH2+ H2O + CH3CHO 
CH3CH2OH + CH3CHO → CH2CHCHCH2+ 2H2O 
2CH3CH2OH → CH2CHCHCH2 +H2 + 2H2O 
Inspection of the two processes shows that they have similar intermediate reactions.  The 
multi-step process therefore seemed more appropriate since the intermediate reactions require 
different conditions to operate optimally.  If the two-step reaction method is utilized, conditions 
can be set to maximize ethanol dehydrogenation and then a second set of conditions can be 
specified to maximize the reaction of acetaldehyde and ethanol.  Furthermore, studies at the 
Mellon Institute in the 1950s showed that best yield obtained in the laboratory for the one-step 
process was 56%, whereas the best yield obtained for the two-step process was 64% (Corson, 
1950). 
 Based on the limited information known about the two processes, it was decided to use 
the two-step process.  The two-step process provided a higher yield, and the byproducts were 
similar in both reactions, so it was assumed that the separation sections, and thus equipment 
costs, would remain the same.  Furthermore, the dehydrogenation reaction of the two-step 
process utilizes relatively cheap catalysts.  Therefore, it was assumed that the additional cost of 
purchasing two catalysts would be minimal. 
 Due to the limited time frame, additional process designs were not carefully considered.  
Instead the process was built around the two reactor sections, and individual process units were 
optimized as needed. 
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4.5 ASSEMBLY OF DATABASE 
For the economic analysis of this report, costs were determined from the problem 
statement, consultant estimations, or market reports. The price of the butadiene was given in the 
problem statement at $1.50/lb.  The production rate was also given at 200,000 tonnes per year. 
The price of the ethanol feed was given by TradingEconomics at $2.33/lb, as of March 2012. A 
more conservative value of $2.50/lb is used in the analysis of this project in order to incorporate 
transportation cost and fluctuations in price. The price of hydrogen, a potential byproduct, was 
given by Mr. Steven Tieri at $0.57/lb, a conservative estimate.  Lastly, the cost of the catalysts 
was estimated to be equal to the purchase cost of their metal compositions.  Metal prices were 
based on February 2012 market values, in which copper costs $3.75/lb, chromium costs $1.65/lb, 
silicon costs $0.96/lb, and tantalum costs $162/lb.  
For the analysis of the process simulation, the ASPEN PLUS program was used. In order 
to simulate the appropriate thermodynamic and transport characteristics of all chemical species 
used in the process, data was supplied to ASPEN PLUS using the NRTL-RK property method. 
All activities and thermodynamic properties were checked to ensure that the NRTL-RK property 
method contained all relevant values. 
In order to determine the optimal conditions to operate the first reactor, kinetics of the 
dehydrogenation reaction were obtained. Using the modeled kinetics, a temperature and pressure 
pairing was determined to achieve the necessary conversion of ethanol to acetaldehyde. Further 
explanation and calculations are described later in the Reactor Design section of the report.  
The optimal conditions for the second reaction were not obtained by kinetic analysis, but 
were defined by the Carbide and Carbon Chemicals Corporation at 350˚C, with a contact time of 
5 seconds, a 2% tantala-98% silica catalyst, and a 2.75-to-1 molar feed ratio of ethanol to 
acetaldehyde.   These conditions give a conversion of 44.5% and a selectivity to butadiene of 
55% (Corson, 1950). 
 
4.6 BENCH-SCALE LABORATORY WORK 
This design project has no experimental component.  However, a laboratory component 
would be helpful to further characterize the kinetics of the second reaction in order to improve 
conversion and selectivity, which has not been studied since World War II. 
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5.0 PROCESS FLOW DIAGRAMS & MATERIAL BALANCES 
This process is divided into five sections as follows: 
 
Section 100: Dehydrogenation of Ethanol 
Section 200: Hydrogen Separation System 
Section 300: Catalysis of Acetaldehyde-Ethanol 
Section 400: Butadiene Separation System 
Section 500: Dowtherm Heating System 
 
In the following pages, each section is presented with a process flow diagram and a material 
balance.  Full process and unit descriptions are presented later in the report.   
 
 
 
 
Figure 1: Block Diagram of Process 
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6.0 PROCESS DESCRIPTION 
OVERVIEW 
 Our process is divided into five main sections, as shown in Figure 1.  The first section 
(100) includes the dehydrogenation of ethanol, in which ethanol reacts to form acetaldehyde and 
hydrogen.  This is followed by a separation sequence (200), which consists of a series of pressure 
and temperature changes to separate the light components, namely hydrogen, from the heavy 
components.  The second section also includes a system for purifying the hydrogen so that it can 
be sold.  The third section (300) consists of the second reaction, which uses the heavy products 
of the first reaction as its reactants and produces butadiene and water.  Finally, this is followed 
by a distillation train (400) to separate out the final product, butadiene, the byproducts, and the 
recyclable feeds, ethanol and acetaldehyde, which are sent back to the second reactor.  The fifth 
section (500) contains the Dowtherm heating system, which recycles Dowtherm A to the two 
reactor sections to pre-heat and maintain the operating temperature of both reactions.   The block 
diagram of the process  is reproduced below for convenience. 
 
 
Figure 1: Block Diagram of Process 
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SECTION 100: DEHYDROGENATION OF ETHANOL 
 The first section contains one feed stream, a 95% ethanol and 5% water mixture (by 
mass), which enters the process from an API storage tank (ST-101, see p. 63) as a liquid at 
atmospheric pressure and a temperature of 80 °F.  The storage tank has a holding time of seven 
days and uses nitrogen to maintain the ethanol in the liquid phase.  The amount of feed required 
is 155,000 lb/hr, which is based on the conversion and selectivity of the two reactions and the 
desire to produce a total of 200,000 tonnes of butadiene per year.   Furthermore, the Carbide and 
Carbon Chemicals Corporation has set the molar ratio of ethanol to acetaldehyde at 2.75:1 as the 
optimal inlet composition of the second reactor, which also dictates the feed flow rate.   
 The liquid, feed stream is first pressurized to 50 psi (P-101, see p. 58) so that after 
pressure decreases in subsequent process equipment it will reach the first reactor at its optimum 
inlet pressure of 35 psi.  The liquid stream is then sent to a heat exchanger (E-101, see p. 52) 
where it is heated to 226 °F and partially vaporized.  E-101 uses the effluent of the first reactor as 
the heating fluid.  The vapor/liquid stream then enters a pressurized vessel (F-101, see p. 56), 
where its two phases are split into separate streams.  Both streams enter a single heat exchanger 
(E-102, see p. 53), where they are heated to the first reactor’s optimum inlet temperature of 595 
°F, at which temperature both streams are now in the vapor phase.  E-102 is divided into two 
regions, an upper section for the inlet vapor stream and a lower section for the inlet liquid 
stream.  The reason for separating the inlet streams is to ensure that both phases obtain equal 
contact with the heating fluid.  E-102 utilizes vapor Dowtherm as its heating fluid. 
The dehydrogenation reaction is carried out in a shell-and-tube, packed-bed reactor (R-
101, see p. 61).  The reactor is split between three shells in order to avoid purchasing costly large 
diameter units.  Also, a fourth shell is purchased so that when one catalyst is being regenerated, 
continuous operation can be maintained. A heterogeneous copper-chromite catalyst is used to 
catalyze the endothermic reaction of ethanol to form acetaldehyde and hydrogen. 
(6.1) CH3CH2OH → CH3CHO+ H2       (92%) 
This reaction has a selectivity of 92%.  The byproducts were not stated by the Carbide and 
Carbon Chemicals Corporation.  Therefore the remaining 8% was estimated to include the 
following byproducts: carbon monoxide, carbon dioxide, methane, acetic acid, ethyl acetate, 
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diethyl ether, and water (Marino, 2003).  In order to model the reactor in ASPEN using RSTOIC, 
the following side reactions were assumed to occur (with respective selectivities): 
CH3CH2OH → CO + CH4 + H2     (0.75%) 
CH3CH2OH + H20 → CO2 + CH4 + 2H2     (0.75%) 
(6.2)  CH3CH2OH + H20 → CH3COOH + 2H2     (2.5%) 
2CH3CH2OH → CH3CH2OCH2CH3 + H20     (2.5%) 
CH3CH2OH + CH3COOH → CH3COOCH2CH3+ H20    (1.5%) 
The catalyst was chosen because detailed kinetic parameters were readily available for 
copper-chromite dehydrogenation, allowing operating conditions to be optimized by simulation.  
Optimization for the first reactor was focused on obtaining an ethanol conversion of 50%.  50% 
was chosen because it minimized the amount of ethanol required for the entire process, without 
unnecessary waste.  If the conversion was higher than 50%, additional ethanol would have to be 
mixed with the inlet of the second reactor in order to maintain the required ethanol to 
acetaldehyde ratio of 2.75:1.  Likewise, if the conversion was lower than 50%, the ethanol would 
have to be separated from the acetaldehyde leaving the first reactor in order to maintain the 
required ratio of the second reactor, and the amount of butadiene produced would be less than 
the desired 200,000 tonnes.  This analysis was also dependent on how much ethanol and 
acetaldehyde could be recycled back to the second reactor.  Therefore, a percentage recovery of 
ethanol and acetaldehyde after the second separation section (400) had to be determined before 
optimization of the first reactor could be executed. 
After optimization, a final operating temperature of 595 °F and an inlet pressure of 35 psi 
were determined.  The reactor is maintained at its isothermal temperature of 595°F using the 
Dowtherm heating system.  Optimization also dictated the size and number of tubes required 
which affected the final cost of the reactor.  The process of optimization and design for the 
reactors is detailed on p. 34.   
 
SECTION 200: SEPARATION OF HYDROGEN 
 A significant amount of hydrogen is produced in the first reaction, which must be 
removed from the product stream before it enters the second reactor.  Because of the presence of 
hydrogen, both the first reactor and the following separation equipment are made of stainless 
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steel instead of carbon steel.  The separation sequence following the first reactor consists of a 
heat exchanger (E-201, see p. 53), a multi-stage compressor (MSC-201), two pressurized vessels 
(F-201, see p. 57 and F-203, see p. 57), and two pumps (P-201, see p. 58 and P-202, see p. 58).  
The process was optimized so that cooling water was the only utility required.  Therefore, the 
final temperature of the reactor effluent was set at 108 °F, which required a corresponding 
pressure of 155 psi in order to achieve the desired separation between the light and heavy 
components.   Further increases in pressure only resulted in a marginal increase in product 
separation. 
The effluent from the first reactor enters E-101 where it is cooled to 152 °F, and partially 
condensed.  The mixed stream is separated into its two phases in F-201, now at a pressure of 22 
psi.  The vapor stream enters MSC-201, in which it is compressed to 155 psi and cooled to 108 
°F.  A multi-stage compressor is needed since the pressure of the vapor stream needs to be 
increased by more than a factor of five.  MSC-201 has two stages, each containing a compressor 
(C-201, see p. 50 and C-202, see p.50) followed by a shell-and-tube heat exchanger (E-201, see 
p.53 and E-202, see p.53) that uses cooling water.   MSC-201 also contains a knockout stream, 
which separates out the liquid formed after the first stage in a pressurized vessel (F-202, see p. 
57). 
In addition, the liquid stream from F-201 and the knockout stream from MSC-201 are 
each pumped to the desired pressure of 155 psi, using P-201 and P-202, respectively.  The liquid 
stream from F-201 is at 153 °F.  However, efforts to cool the stream to the desired temperature of 
108 °F only resulted in marginal increases in separation because it has a much smaller 
volumetric flow rate than the other two streams.  All three streams then enter a pressurized 
vessel, F-203, at an average temperature of 121 °F, where they are separated into two streams, a 
vapor stream, rich in hydrogen, and a liquid stream, rich in ethanol and acetaldehyde. 
The vapor stream leaving F-203, S19, is sent to a pressure swing adsorption unit, PSA-
201. The hydrogen-rich gas is sent through a series of adsorber vessels containing separator 
filters in which gas molecules bind to the adsorbent material. Due to the low polarity of 
hydrogen, the impurities of the hydrogen-rich stream can be adsorbed and a high purity of 
hydrogen can be achieved.  The high purity hydrogen stream leaves the top of the vessel, 
undergoes a series of pressure changes, and then enters the adsorber vessel. The hydrogen 
product stream leaving the last vessel is a 99% pure hydrogen stream that can be sold for 
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$0.57/lb. The impurities, which include acetaldehyde, ethanol, methane, carbon dioxide, and 
carbon monoxide, leave as a separate waste stream. 
Based on a cost analysis of burning the hydrogen-rich gas stream versus recovering the 
high amounts of hydrogen being produced, it was determined that it would be more profitable to 
install a PSA unit. By selling the hydrogen at $0.57/lb, an annual revenue of $13,930,000 can be 
obtained while the total direct cost of the unit is $10,231,000 and the annual utility cost is 
$2,000,000. Thus, the hydrogen recovery approach results in a net profit of $1,700,000 during 
the first year and $11,930,000 the following years for the plant whereas the credit associated 
with burning the top gas stream is only $5,250,000 per year. In the long term, the hydrogen sales 
will result in a net profit. 
 
SECTION 300: CATALYSIS OF ACETALDEHYDE-ETHANOL 
 The acetaldehyde and ethanol mixture leaving F-203 is sent to the second reactor.  First, 
it is mixed with the recycle stream from the distillation train following the second reactor.  The 
recycle stream contains unreacted ethanol and acetaldehyde, as well as a relatively small quantity 
of the byproduct, ethyl acetate.  Ethyl acetate readily forms ethanol by hydrolysis on a tantala-
silica catalyst. 
(6.3)  CH3COOCH2CH3 + H20 →  CH3COOH + CH3CH2OH   
Therefore, it is possible to increase the efficiency of the second reaction by recycling the ethyl 
acetate, which quickly reacts to form ethanol in the second reactor. Based on the specified 
conversions, the utilization of ethyl acetate would increase butadiene production by 2% (Stahly, 
1948). 
After mixing, ethanol and acetaldehyde are now in the required molar ratio of 2.75:1, and 
the stream is at 150 °F and 108 psi.  The recycle stream determined the overall pressure, and it 
was set at 108 psi so that after pressure decreases in subsequent process equipment the feed will 
enter the second reactor at its optimal inlet pressure of 93 psi. The liquid stream is then sent to a 
heat exchanger (E-301, see p. 51) where it is vaporized.  Similar to the first reaction section, E-
301 utilizes the effluent of the second reactor as the heating fluid.  The vapor stream then enters 
a second heat exchanger, E-302, which uses the Dowtherm system to heat the stream to 662 °F, 
the optimal inlet temperature of the second reactor.  
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 Like the first reaction, the second reaction is carried out in a shell-and-tube, packed bed 
reactor (R-301, see p. 61). The reactor is split between three shells in order to avoid the cost 
associated with large-diameter shells.  Also like the first reactor, a fourth shell is purchased, so 
that when one shell is being regenerated, continuous operation can be maintained. A 
heterogeneous tantala-silica catalyst is used to catalyze the endothermic reaction of ethanol and 
acetaldehyde to form butadiene and water.  
(6.4) CH3CH2OH + CH3CHO → CH2CHCHCH2 +  2H2O      (55%) 
This reaction has a selectivity of 55%.  Byproduct distribution was specified by the Carbide and 
Carbon Chemicals Corporation.  The main byproducts include butanol, butene, ethylene, acetic 
acid, ethyl acetate, diethyl ether, water, and hexadiene. (Toussaint, 1947)  In order to model the 
reactor in ASPEN using RSTOIC, the following side reactions were assumed to occur (with 
respective selectivities): 
2CH3CH2OH →  C2H9OH + H2O     (5%) 
2CH3CH2OH   CH3CH2OCH2CH3 + H20      (20%) 
CH3CH2OH →  C2H4 + H2O      (10%) 
                                        (6.5) 
2CH3CH2OH → C4H8 +  2H2O     (5%)  
CH3CH2OH + CH3CHO + C2H4 → C6H10 +  2H2O     (5%) 
2CH3CHO  CH3COOCH2CH3     (9%, based on acetaldehyde, not ethanol) 
Unlike the first reaction, kinetic data for the second reaction is not readily available.  
Instead, conversion and operating conditions were selected based on the studies done by the 
Carbide and Carbon Chemicals Corporation, who provide an operating temperature of 662 °F 
and a conversion of 44.5% (Corson, 1950).  The second reactor is maintained at its isothermal 
temperature of 662 °F, using the Dowtherm system.  No data was given regarding the effect of 
pressure on the reaction, and conversion was assumed to be independent of operating pressure.  
Therefore, pressure was viewed as a free variable, and was set in order to minimize the pressure 
drop within the reactor.  The given parameters were used to determine the size and number of 
tubes of the second reactor.  The process for optimization and design of the reactors is discussed 
on p. 34.    
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SECTION 400: RECOVERY OF BUTADIENE 
The second reaction produces many byproducts, which make up a greater percentage of 
the effluent stream than the first reaction.  A distillation train is used to recover the butadiene.  
Before the product stream can enter the distillation train, however, its pressure must be increased 
to 125 psi and its temperature decreased to 200°F.  The pressure was set so that the feed stream 
to the first distillation column (D-401) matched the condenser pressure, and the temperature was 
set so that it was between the temperatures of the bottoms and distillate streams.  To achieve the 
required pressure and temperature change, two heat exchangers, (E-401, see p. 54 and E-402, see 
p. 54), a compressor (C-401, see p. 50), two pumps (P-401, see p. 59 and P-402, see p. 59), and 
two pressurized vessels (F-401, see p. 57 and F-402, see p. 57) were used. 
The effluent from the second reactor enters E-301 where it is cooled to 231 °F and 
partially condensed.  It is then separated into its two phases in F-401, at a pressure of 66 psi.  The 
vapor stream enters a second heat exchanger, E-401, where it is cooled with cooling water to the 
desired temperature of 200 °F and partially condensed.  It is then separated into its two phases in 
F-402, at a pressure of 58 psi.  E-401 is used to minimize the flow to the compressor, which is 
more costly to operate than a pump.  The vapor stream from F-402 is then compressed in C-401 
to a pressure of 133 psi.  The compressed vapor then enters E-402, where its temperature is 
lowered with cooling water to 200 °F. The liquid streams from F-401 and F-402 are pressurized 
to 125 psi with P-401, and P-402, respectively and are then mixed.  The liquid and vapor streams 
then enter the distillation train.  The liquid stream from F-401 is at 231 °F.  However, efforts to 
cool the stream to the desired temperature of 200 °F only resulted in a marginal decrease in 
utility usage in D-401 because the stream has a relatively low flow rate. 
The four distillation columns are configured to recover butadiene at a purity of 98% (by 
mass) and maximize the recovery of ethanol, acetaldehyde, and ethyl acetate. Furthermore, each 
distillation column was optimized to reduce the use of expensive refrigerates and high pressure 
steam, and thus use cooling water in the condensers and 50 psig steam in the reboilers wherever 
possible.  Two distillation sequences were initially compared for cost and efficiency.  The 
sequences are shown in Figure 8.  In sequence A, the first distillation column separates ethanol 
and water.  In sequence B, the first distillation column separates butadiene and ethanol.  A 
preliminary cost analysis showed that the total equipment cost for the two sequences was the 
same.  Utility costs were not compared.  However, sequence B gave a significantly higher 
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recovery of both ethanol and acetaldehyde.  Therefore, sequence B was chosen as the optimal 
distillation train. 
 
Figure 8:  Diagram of Distillation Sequences A and B 
Sequence B was then further optimized by comparing different combinations for molar 
reflux ratio and total number of stages in each column.  The technique used to determine the 
optimal conditions is detailed in Appendix A.  Furthermore, tray efficiencies were calculated for 
each column, which determined the optimal number of trays required to achieve the desired 
separation.  This process is also detailed in Appendix A. 
The final, optimized distillation train consists of four columns (D-401, see p. 50, D-402, 
see p. 51, D-403, see p. 51, and D-404, see p. 51).  D-401 serves to separate butadiene and the 
light components from ethanol, acetaldehyde, and the remaining heavy components.   D-402 then 
separates out ethylene from butadiene.  The distillate of D-402 contains mainly ethylene, which 
requires a high pressure condenser and lots of refrigeration utility.  Therefore, a small fraction of 
the butadiene product (0.8%) was purposefully sent to the distillate stream in order to raise the 
boiling point of the distillate stream and thus lessen the amount of refrigeration required.  The 
distillate stream was burned for energy. 
D-402’s bottoms stream is 96% pure butadiene (by mass).  The remaining impurity is 
mainly water.  A decanter (DC-401, see p. 52) is used to separate out the butadiene from the 
water, and increases the butadiene purity to the desired value of 98%.  No additional pressure or 
temperature changes are required for this separation to occur.  
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The bottoms stream leaving D-401 is heavy in water, which is produced abundantly in 
the second reactor.  D-402 primary serves to separate out the water, as well as other heavy 
components, from the ethanol-acetaldehyde mixture.  Notably, all of the water cannot be 
eliminated because of the water-ethanol azeotrope, and the water remaining after D-402 is 
simply recycled back with the ethanol.  The recycled water requires a larger reactor volume, but 
this additional cost was less than that of the additional separation processes needed to eliminate 
the remaining water. 
 Finally, in D-404 the remaining byproducts, namely butene and diethyl ether are 
separated from the recycle stream containing ethanol, acetaldehyde, and ethyl acetate.  98% of 
the unreacted ethanol is recovered, but only 59% of the unreacted acetaldehyde is recovered.  
This is mostly due to the difficulty of separating out the diethyl ether from the acetaldehyde. 
Additional means of collecting the remaining acetaldehyde which leaves in the distillate of D-
404 proved uneconomical, and the unrecovered acetaldehyde was simply burned along with the 
byproducts in the distillate stream. 
Finally, the product stream is cooled to 110 °F, using a shell-and-tube heat exchanger (E-
407, see p. 55).  Before the product stream enters the storage vessel (ST-403, see p. 64) it enters 
one of two 8-hour holding tanks (ST-401, see p. 63 and ST-402, see p. 63) where it is tested for 
purity and quality. ST-403 has a storage capacity of three days.  A smaller capacity than that of 
the feed storage tank is used because of the high equipment cost associated with storing 
pressurized liquids.  However, due to the smaller storage capacity, faster shipping schedules are 
required.   
The wastewater streams leaving DC-401 and D-403 have a combined flow rate of 65,000 
lb/hr, which is 81% water (by mass).  Consequently, the cost of treating the water is large and 
amounts to roughly 40% of all utility cost.  Many attempts were made to decrease the wastewater 
flowrate.  Decanting out the aqueous phase was attempted.  However, the majority of the 
organics present in the stream were ethanol, butanol, and acetic acid, all of which are soluble in 
water.  Hexadiene was also present, which is insoluble.  However, attempts to separate out the 
hexadiene resulted in an organic phase that was 40% water, which is still considered a 
wastewater stream.  Therefore, a fifth distillation column was used, D-405 (see p. 52).  D-405 
produced a distillate stream that was 25% water, which according to Mr. Steven Tieri, an 
industrial advisor, is the maximum water content in a vapor stream that can still be burned for 
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energy.  Using a distillation column reduces the amount of organics in the bottoms stream by 
70%, thus minimizing the cost of wastewater treatment significantly.  The final wastewater 
stream is cooled to 110 °F using a shell-and-tube heat exchanger (E-414, see p. 56) before it is 
treated.   Optimization of reflux ratio and stage number was not performed for D-405 due to time 
constraints, and a tray efficiency of 60% was assumed rather than calculated. 
 
SECTION 500: DOWTHERM HEATING SYSTEM 
 Since both reactions are endothermic and require significant heating, a Dowtherm heating 
system was designed.  The system provides heating fluid for four components of the process: E-
102, R-101, E-302, and R-301.  In E-102 and E-302, the Dowtherm heats the inlet streams of R-
101 and R-301 to the desired reactor temperatures, 595 °F and 662 °F, respectively. Then, in R-
101 and R-301 the Dowtherm maintains these temperatures so that the catalytic reactions can 
occur isothermally.  The system consists of three holding tanks (ST-501, see p. 64, ST-502, see 
p. 64, and ST-503, see p. 64) two fired heaters (FH-501, see p. 58 and FH-502, see p. 58) that use 
natural gas as their heating source, three pumps (P-501, see p. 60, P-502, see p. 60, and P-503, 
see p. 60), and a decompression valve.  Dowtherm A, a eutectic mixture of diphenyl oxide and 
biphenyl, was used because it was the only Dowtherm fluid which could be used at temperatures 
as high as 662˚F.  A total flow rate of 1,580,000 lb/hr of Dowtherm was calculated to be 
necessary, which was based on the combined heat duties required of E-102, R-101, E-302, and 
R-301.  It was estimated that 158,000 lb of Dowtherm would be required in order to provide 
continuous circulation. 
 The Dowtherm is maintained in ST-501 at 631˚F and 57 psi as a liquid.  Its pressure is 
then increased to 92 psi using P-501.  The liquid stream is then separated into two streams of 
640,000 lb/hr and 940,000 lb/hr flow rates.   Both streams are vaporized in FH-501 and FH-502 
with natural gas which is supplied at a rate of 96,000 SCF/hr and 114,000 SCF/hr, respectively.  
One stream leaves FH-501 as a vapor at 666˚F and then travels to R-101 and E-301.  
In order to maximize heat transfer, the heat duty should come only from the latent heat of 
condensation of the saturated Dowtherm vapor.  Therefore, since E-102 and R-101 are heated to 
595 °F, the Dowtherm entering these units was vaporized at 631˚F and then cooled by lowering 
the pressure to 50 psi using a decompression valve so that the temperature reached 606 ˚F.  
Lowering the temperature also had the benefit of increasing the heat of condensation.   
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 All four Dowtherm streams leave the heat exchanger/reactors as liquids, having been 
condensed; the streams leave E-102 and R-101 are at 606 ˚F and 50 psi and the streams leave E-
302 and R-301 are at 666 ˚F and 86 psi.  No pressure drop is assumed on the shell side of the 
heat exchangers/reactors.  The streams enter separate holding tanks before they are pumped back 
to the original holding tank where they are mixed together.  Individual holding tanks are required 
for each stream since the reactor sections are assumed to be far apart in the process plant.  
Sample calculations for the Dowtherm system are presented in Appendix C. 
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7.0 REACTOR DESIGN 
7.1 REACTION ONE 
The first step of the process involves the dehydrogenation of ethanol to acetaldehyde.  
Kinetics are readily available for this reaction using an unsupported copper-chromite catalyst and 
were used to determine optimal conditions for the first reactor (Peloso, 1979). The mechanism 
involved is a dual-site surface reaction of the adsorbed ethanol.  The mechanism for the reaction 
was derived first using a homogenous Hougen-Watson method. 
(7.1) CH3CH2OH ↔ H2 + CH3CHO 
(7.2)  𝐴 ↔ 𝑅 + 𝑆 
(7.3) 𝑅𝐴 = 𝑘(𝑝𝐴 −
𝑝𝑅𝑝𝑆
𝐾𝑒
)           
The reaction rate was then corrected by a Langmuir-Hinshelwood, dual-site, surface reaction 
controlled mechanism. 
(7.4) 𝑅𝐴 =
𝑘(𝑝𝐴−
𝑝𝑅𝑝𝑆
𝐾𝑒
)
(1+𝐾𝐴𝑝𝐴+𝐾𝑅𝑝𝑅+𝐾𝑠𝑝𝑠)2
  
where RA is the rate of the reaction in mol/L-s, pi is the partial pressure of species i in atm, k is 
the reaction rate constant in mol/s-kg cat.-atm, Ki is the adsorption coefficient for species i in 
atm-1, and Ke is the equilibrium constant in atm. The corrections to the original homogenous 
model were necessary due to the variance of reaction step speeds. The reaction steps were as 
follows: 
(7.5)  𝐴 + 𝑐𝐿 → 𝑐𝐴   
(7.6)  𝑐𝐴 + 𝑐𝐿 → 𝑐𝐴2   
(7.7)  𝑐𝐴2 → 𝑐𝑅 + 𝑐𝑆   
(7.8)  𝑐𝑅 → 𝑐𝐿 + 𝑅   
(7.9)  𝑐𝑆 → 𝑐𝐿 + 𝑆   
where A, S, and R denote molecules of ethanol, acetaldehyde, and hydrogen, respectively.  A2 
denotes a reactive intermediate, and L denotes the catalyst surface.  The controlling steps of the 
mechanism are the surface reactions, (7.6) and (7.7), which occur in parallel on the catalyst. In 
this model, ethanol approaches the catalyst and then adsorbs to its surface which is a fast step 
(7.5). The surface reaction takes place where hydrogen is adsorbed away from acetaldehyde on a 
second site of the catalyst surface which are the rate controlling slow steps, (7.6) and (7.7). 
Finally, desorption of acetaldehyde and hydrogen occurs, freeing both molecules from the 
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catalyst, which are fast steps, (7.8) and (7.9). The following mass balance, based on the above 
mechanism, was presented in the literature. 
(7.10)  𝑑ξ
𝑑𝑧
= 𝑝𝐵 ∗ 𝑆 ∗
𝑅𝐴
𝑛𝐴
𝑜                            
where pB is the catalyst bed density, S is the cross sectional area of the reactor, nAo is the ethanol 
feed rate, and ξ is the ethanol conversion.  
The mass balance (7.10) and reaction rate (7.4), in conjunction with the following 
expressions for K values, were used and manipulated to calculate the reaction conversion and to 
determine an optimal operating temperature and pressure at which to run the reaction. 
Expressions for K values were determined by fitting curves to experimental data (Peloso, 1979). 
(7.11)  lnKe = 11.82 − 6189.1/Tk         
(7.12)  lnk = 17.900 − 5810.5/Tk        
(7.13)   lnKA = −1.175 − 1166.6/Tk      
(7.14)   lnKR,S = 1.057 − 690.2/Tk         
where Tk is the reaction temperature, k is the reaction rate constant in mol/s-kg cat.-atm, Ki is the 
adsorption coefficient for species i in atm-1, and Ke is the equilibrium constant in atm.   
Integration of Equation 7.10 shows that conversion is a function of temperature, pressure, 
and flowrate. The conversion was set at 50% and the mass flow rate at 155,000 lb/hr, which was 
determined from a mass balance on the overall process including the known conversion of the 
second reactor.  MATLAB was used to find temperature and pressure combinations that gave the 
desired conversion value.  The conversion was proportional to temperature and inversely related 
to pressure. 
 
Figure 9: Effect of Temperature on Conversion, Assuming a Constant Pressure of 32 psi 
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Figure 10: Effect of Average Pressure on Conversion, Assuming a Constant Temperature of 595 °F 
 
A final value of 595 ˚F and 32 psi was determined as the optimal operating conditions.  
32 psi was the lowest possible pressure that allowed the outlet stream to make it through the 
subsequent heat exchangers without going below 1 atm.  595 ˚F was then the lowest temperature 
that achieved a 50% conversion.  A lower temperature was desired because it reduced the energy 
requirement for this endothermic reaction.  The MATLAB code and graph for the optimal case is 
present in Appendix B. 
 
7.2 REACTION TWO 
The second step in the process – the reaction of acetaldehyde and ethanol to form 
butadiene – is an industrial process that has not seen use on a commercial scale since the late 
1940s. As such there is limited information available regarding the kinetics of the reaction, and 
thus a lot of the reactor’s design was based on a paper (Corson, 1949) that has already 
established optimum reaction conditions and reactor design specifications for the commercial 
process. The optimal conditions for butadiene production were found to occur at 350˚C, with a 
contact time of 5 seconds, a 2% tantala, 98% silica catalyst, and a 2.75 to 1 molar feed ratio of 
ethanol to acetaldehyde.  Optimal pressure was not given, and the conversion was assumed to be 
independent of pressure. 
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7.3 REACTION VESSEL DESIGN 
The industrial process from 1949 described in the Corson paper employed a Dowtherm-
heated, shell-and-tube heat exchanger setup, with the reaction occurring throughout a number of 
steel tubes situated inside the exchanger. The steel tubes can be modeled as packed bed reactors 
completely filled with catalyst. This setup was the basis for our reactor design for both reactors.  
Flowrate, reactor dimensions, reactor arrangement, pressure drop, shell-side pressure, and heat 
transfer considerations were determined using the same procedure for both reactors.  A detailed 
description of this process is outlined below for the second reactor.  The same procedure was 
used for the first reactor, with the conditions optimized using MATLAB. 
 
FLOWRATE CALCULATIONS 
     Using ASPEN, we began by determining the molar flowrates of ethanol, acetaldehyde, 
water, and ethyl acetate entering the reactor necessary to produce 200,000 tonnes of butadiene 
per year, keeping in mind the above-specified molar feed ratio. These molar flowrates were then 
converted to volumetric flowrates by multiplying by each species’ molecular weight, and 
dividing by each species’ vapor density. Since the reaction is occurring at high temperatures and 
near-atmospheric pressures, the ideal gas law can be used to calculate each species’ vapor 
density. The value for the tube-side pressure used to calculate the vapor density was solved for 
iteratively since the tube-side pressure was a design element that had not been pre-specified; the 
average of the tube inlet and outlet pressures was used. The total volumetric flowrate was found 
simply by adding each species’ volumetric flowrate since all the species are vapors and volume 
changes upon mixing are not of concern. For the second reactor, the total volumetric flowrate of 
the reactants was 1,010,000 ft3/hr.  
 
TUBE DIMENSIONS 
The next step in the process was to specify the tube dimensions in the exchanger. The 
length of the tubes had already been specified in the Corson paper, and since conversion is a 
function of tube length, this was a design element we opted not to alter as our mass balances 
were based on conversion data from the paper. However, the tube diameter was a factor we gave 
significant attention to. The two main considerations in choosing a tube diameter were first to 
maximize heat transfer across the tubes and secondly to minimize the number of tubes in order to 
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reduce costs. These two considerations respectively advocate a small tube diameter and a large 
tube diameter. We began by considering all tube sizes between 0.5-inch and 3-inch tubes, as 
these sizes are typical of tube diameters in shell-and-tube exchangers. Calculations showed 
virtually no difference in the radial temperature profiles of tubes in the 0.5-inch to 1.5-inch 
diameter range. However, there was a noticeable difference between the internal and external 
tube temperatures for 3-inch diameter tubers. As such we ended up choosing tubes with an outer 
diameter of 1.5 inches. We decided on 18 BWG tubes in order to maximize the tube inner 
diameter, allowing us to minimize the total number of tubes and thus save costs. Since the shell- 
and tube-side pressures ended up being very close in value, having such thin tubes (0.049 inches 
thick) turned out to be an acceptable design feature. Thus, the internal volume of one tube was 
296 in3.  
 
NUMBER OF TUBES 
To determine the number of tubes needed in the reactor, we had to first calculate the 
volumetric flowrate through one tube. This is defined as the volume of one tube, as calculated 
above, divided by the five second contact time through one reactor.  The volumetric flowrate 
through one tube, 59 in3/s, equates to a superficial velocity of 3.2 ft/s through one tube, a very 
reasonable velocity for a vapor in a shell-and-tube heat exchanger. The reasonableness of this 
value served as a sanity check that our assumptions thus far were acceptable. The total 
volumetric flowrate was then divided by the volumetric flowrate per tube to yield the number of 
tubes. For the second reactor, this turned out to be 8,240 tubes.  
 
VOLUME OF CATALYST 
The volume of catalyst required was calculated by multiplying the number of tubes by the 
volume of one tube, which equated to 1,409 ft3 of catalyst. This value includes the volume 
attributed to the void fraction of the catalyst, an assumption we were encouraged to make by Mr. 
Bruce Vrana and Dr. Warren Seider. The reasoning behind this assumption can be seen from the 
algebraic manipulations below: 
(7.15) Vcatalyst = (Ntubes) (Vone tube) 
(7.16) Vcatalyst =
Qtotal
Qone tube
 (Vone tube) 
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(7.17) Vcatalyst =
Qtotal
Vone tube
Contact time through one tube
 (Vone tube) 
(7.18) Vcatalyst = (Qtotal) (Contact time through one tube) 
 
The contact time through one tube was measured for tubes filled with catalyst, not for empty 
tubes.  Therefore, since contact time though one tube accounts for the spacing between catalyst 
pellets it was assumed that the volume of catalyst computed accounts for the void fraction of the 
reactor bed. 
 
TUBE-SIDE PRESSURE 
The next step was to account for the pressure drop across the tubes, within the context of 
the above specifications. The Ergun equation was used to calculate the pressure drop, as the 
tubes are filled with catalyst and are essentially packed beds (Perry, 1999). 
 
(7.19)  ΔP = 150∗μfluid∗(1−ε)
2∗Ltube
Φs2∗Dp2∗ε3
Vsuperficial +
1.75∗ρfluid∗(1−ε)∗Ltube
Φs2∗Dp∗ε3
Vsuperficial2      
 
The equation and calculations can be found in Appendix C. A few assumptions were made for 
several of the inputs to the Ergun equation which, a sensitivity analysis later revealed, actually 
had little effect on the value of the pressure drop. Since we were unable to get accurate 
dimensions for the catalyst pellets, we assumed them to be spherical pellets with a radius of 1/16 
inches. This made the bed size, based on the tube diameter, large relative to the pellet size, and 
thus a void fraction of 0.38 was assumed. The fluid density was taken as a weighted average of 
the reactant vapor densities, a reasonable approximation as the reactor conditions allow us to 
approximate the mixture as an ideal multicomponent mixture. The same method was used when 
calculating the fluid’s viscosity. These parameters, in addition to the tube length and fluid 
superficial velocity, were used to find the pressure drop across a tube.  
We now had a working model for which we could specify the average reactor pressure as 
our input variable and get outputs for pressure drop across a tube, the number of tubes in the 
reactor, and the volume of catalyst needed. Raising the value for the average reactor pressure 
increased the pressure drop and decreased the number of tubes/volume of catalyst needed. We 
had to optimize between keeping the pressure drop at a reasonable level while still minimizing 
the number of tubes/volume of catalyst needed in order to minimize costs. We were encouraged 
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by our advisors to set the upper bound on the pressure drop across the tubes at 20 psi, a value 
chosen based on industry practice. Given this design specification, the average tube-side pressure 
translated to 83 psi, and the number of tubes and volume of catalyst ended up being the afore-
mentioned values.  
 
SHELL DIMENSIONS 
 In order to size the shell diameter, we had to first select a pitch for the tube arrangement. 
For 1.5-inch tubes, our advisors suggested we use a 1.875-inch square pitch. Taking this pitch, 
the number of tubes, and the tube diameter into account, we determined that we would need a 
reactor 16.25 feet in diameter. We were encouraged not to design the reactor with a shell 
diameter greater than roughly 12 feet. Using a third of the original number of tubes (i.e. 8,240 ÷ 
3 = 2,747 tubes) in the shell diameter formula yielded a shell diameter of 115 inches. We thus 
plan to run three 115-inch diameter reactors in parallel rather than one large 195-inch diameter 
reactor. The shell length was chosen to be 20 feet long. This gave us 2 feet of space on each side 
of the 16-footlong tubes for the channel, a reasonable amount of room for a fixed head heat 
exchanger.  
 
HEAT TRANSFER CONSIDERATIONS 
The reaction of acetaldehyde and ethanol to produce butadiene is endothermic. For the 
reactant molar flowrates required to produce 200,000 tonnes of butadiene per year, ASPEN 
calculated the heat duty of the reactor to be 13.6 MMBTU/hr. Since the reaction is taking place 
at a constant temperature of 350˚C (662˚F), we would need a way to supply 13.6 MMBTU/hr to 
the reactor to keep the reactor isothermal. We took an approach similar to the commercial plant 
from 1949 and decided to use a condensing Dowtherm vapor on the shell-side to supply the 
necessary heat.  
We quickly concluded that Dowtherm A, a eutectic mixture of diphenyl oxide and 
biphenyl, would be the most appropriate heat transfer fluid for our purposes, as it was the only 
Dowtherm fluid for which data on vapor and liquid physical properties was available above 
662˚F. We wanted to design the Dowtherm shell-side system such that all the heat duty would 
come from the latent heat of condensation of the saturated Dowtherm vapor. In other words, we 
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wanted the Dowtherm to enter the exchanger as a vapor, condense, and leave as a liquid, at an 
appropriate saturation pressure and temperature for the fluid.  
We examined several different temperatures to operate the Dowtherm system at, but 
ultimately decided on a temperature of 666˚F for a couple of reasons. Firstly, the latent heat of 
condensation for Dowtherm A increases with decreasing temperature, meaning we could obtain a 
higher heat duty for a given mass flow rate of Dowtherm A by operating at a lower temperature 
but still higher than 662˚F. Secondly, the corresponding vapor pressure at this temperature is 86 
psi, which is also the shell-side pressure of the reactor. Recall that the average tube-side pressure 
is 83 psi. Having the shell- and tube-side pressures so close to one another simplifies the overall 
reactor design, as it allows us to use thin-walled tubes, decreasing the overall reactor cost. 
Finally, having the Dowtherm at 666˚F gave the exchanger a heat transfer coefficient of 66 
Btu/˚F-ft2-hr, a value that corroborates with literature values for similar heat exchanger system 
fluids.  
DESIGN OF FIRST REACTOR 
As mentioned above, the same process was used to size the first reactor. The values for 
all the reactor specifications are summarized below. For the first reactor, the total volumetric 
flowrate of the reactants was 1,270,000 ft3/hr. The same size tube diameter was used, but these 
tubes were 20 feet long; the internal volume of one tube was therefore 369 in3. The contact time 
for the first reactor was also estimated at 5 seconds, giving a volumetric flowrate of 74 in3/s 
through one tube. This equated to a reactant superficial velocity of 4.0 ft/s, and yielded 8,251 
tubes. The volume of catalyst necessary for the first reactor is 1,764 ft3. 
The shell dimensions for the first reactor are also very similar to those of the second 
reactor. The same 1.875 inch square pitch was used, and using a third of the original number of 
tubes, 2,750 tubes, in the shell diameter formula again yielded a shell diameter of 115 inches. 
The shell length was chosen to be 24 feet long, giving us 2 feet of space on each side of the 20-
footlong tubes for the channel. 
 ASPEN calculated the heat duty of the first reactor to be 46.3 MMBTU/hr. Dowtherm A 
was again used as the shell-side fluid to keep the reactor at a constant temperature of 595 ˚F. We 
decided to operate the Dowtherm system for the first reactor at 606 ˚F, giving us a heat transfer 
coefficient of 67 BTU/˚F-ft2-hr. This corresponded to a shell-side pressure of 50 psi, which is 
close enough to the tube-side pressure of 32 psi to allow for the thin-walled tube assumption.  
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7.4 REGENERATION OF CATALYSTS 
Every five days the catalyst in each reactor must be regenerated by burning the carbon 
deposits on the catalyst for six hours.  This is necessary since after five days, the carbon deposits 
on the catalyst amount to roughly 3% of the catalyst’s original mass, reducing the efficiency of 
the catalyst. The percent of deposit was based on industry estimates, and the length of 
regeneration was set at six hours so that an entire vessel could be regenerated in one working 
shift. Since R-101 and R-301 each contain four reaction vessels and only three are needed for the 
butadiene production process at any given time, one of the reaction vessels can be placed on 
standby for catalyst regeneration.  Therefore, one vessel will be offline for 30 hrs every five 
days, during which time it will undergo regeneration for eight hours- one hour for setup, six 
hours for regeneration and one hour for shutdown.  The following Gant chart shows the rotation 
schedule necessary to maintain continuous operation. 
 
Figure 11: Gant Chart for Both Reactors R-101 and R-301.  White blocks indicate downtime, grey blocks 
indicate setup/shutdown, and black blocks indicate regeneration. 
The regeneration process begins by flowing oxygen and nitrogen through the vessel’s 
tube-side. The carbon deposits are burned off in a standard combustion reaction, producing 
carbon dioxide.  
(7.20) C +  O2 → CO2 
It was assumed that at the operating temperatures of the reactors, the oxygen would combust 
automatically, and no ignition source would be needed.  The amount of oxygen was determined 
based on the stoichiometry and the amount of carbon present in the reactors.  The oxygen flow 
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rate was determined to be 97,000 lb/five days for R-101 and 2,500 lb/five days for R-301.  The 
calculations for oxygen requirements are shown in Appendix C.   
Nitrogen was used in the inlet stream in order to absorb the heat of reaction, and maintain 
controllable reactor temperatures.  The percent nitrogen in the flow was determined using 
ASPEN so as to set the temperature rise of the reactor at 400 ˚C, assuming the oxygen/nitrogen 
stream enters at 50 ˚C.  Assuming an adiabatic temperature rise of 400 ˚C, it was found that the 
inlet stream should be 88% nitrogen. Thus, the nitrogen flow rate was determined to be 710,000 
lb/five days for R-101 and 18,000 lb/five days for R-301.   
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8.0 ENERGY BALANCE & UTILITY REQUIREMENTS 
 The following section outlines the energy balance and utility requirements of the 
production plant. The energy balance includes all energy inputs and outputs that cross the system 
boundary with the exception of energy consumption of the pressure swing adsorption unit. Due 
to the legal obligations of the company, specifics detailing the operating conditions could not be 
obtained. The overall process requires a net energy addition duty. The following table 
summarizes the energy requirements of the process and is grouped based on the method used to 
satisfy each energy demand. The overall process requires a net energy addition duty of 110 
MMBTU/hr, which is primarily due to the fact that the reactions are endothermic and that most 
sections of the process require high pressures and temperatures. 
Equipment ID  Energy Requirements Method of Satisfying Energy Demand 
        
Pump P-101 8.6 kW to drive pump motor Electricity 
Pump P-201 6.7 kW to drive pump motor Electricity 
Pump P-202 19.1 kW to drive pump motor Electricity 
Pump P-401 12.9 kW to drive pump motor Electricity 
Pump P-402 8.4 kW to drive pump motor Electricity 
Pump P-403 3.3 kW to drive pump motor Electricity 
Reflux Pump P-404 1.4 kW to drive pump motor Electricity 
Reflux Pump P-405 16.3 kW to drive pump motor Electricity 
Reflux Pump P-406 2.9 kW to drive pump motor Electricity 
Pump P-407 21.4 kW to drive pump motor Electricity 
Reflux Pump P-408 20.1 kW to drive pump motor Electricity 
Pump P-501 25.9 kW to drive pump motor Electricity 
Pump P-502 6.7 kW to drive pump motor Electricity 
Pump P-503 9.2 kW to drive pump motor Electricity 
Compressor C-401 922.8 kW to drive pump motor Electricity 
Multi-Stage Compressor MSC-201 2858.3 kW to drive pump motor Electricity 
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Multi-Stage Compressor MSC-201 
-60 MMBTU/hr to cool S9 from 152 
°F to 107 °F Cooling Water 
Heat Exchanger E-401 
-30 MMBTU/hr to cool S28 from 231 
°F to 200 °F Cooling Water 
Heat Exchanger E-402 
-20 MMBTU/hr to cool  S31 from 281 
°F to 200 °F Cooling Water 
Heat Exchanger E-403 
-78 MMBTU/hr to condense vapor at 
top of D-401 at 107 °F Cooling Water 
Heat Exchanger E-408 
-182 MMBTU/hr to condense vapor at 
top of D-403 at 193 °F Cooling Water 
Heat Exchanger E-412 
-83 MMBTU/hr to condense vapor at 
top of D-405 at 204 °F Cooling Water 
Heat Exchanger E-414 
-7 MMBTU/hr to cool S54  
from 238°F to 110 °F Cooling Water 
        
Heat Exchanger E-405 
-3 MMBTU/hr to condense vapor at 
top of D2 Refrigeration 
Heat Exchanger E-410 
-14 MMBTU/hr to condense vapor at 
top of D4 Refrigeration 
        
Heat Exchanger E-404 
83  MMBTU/hr to boilup liquid in 
bottom of D-401 Steam 
Heat Exchanger E-406 
5  MMBTU/hr to boilup liquid in 
bottom of D-402 Steam 
Heat Exchanger E-409 
166 MMBTU/hr to boilup liquid in 
bottom of D-403 Steam 
Heat Exchanger E-411 
13 MMBTU/hr to boilup liquid in 
bottom of D-404 Steam 
        
Fired Heater FH-501 
100 MMBTU/hr to vaporize 
Dowtherm in S57 at 666 °F Natural Gas 
Fired Heater FH-502 
120 MMBTU/hr to vaporize 
Dowtherm in S61 at 625 °F Natural Gas 
        
Total Energy Requirement   110 MMBTU/hr 
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UTILITY REQUIREMENTS 
 We attempted to reduce utility requirements throughout the process. Separations targeted 
using cooling water whenever possible and when the benefits of attempting to reach cooler 
temperatures were outweighed by cost. As with the energy balance, the pressure swing 
adsorption utility requirements are not listed within the table. An ESSO consultant, Mr. Shlok 
Roy, managed to provide a rough estimation of utilities cost for the entire unit that is provided in 
the overall cost summary and analysis. Two significant efforts were made to reduce heating 
utility requirements by integrating E-101 and E-301. Both heat exchangers use the heat from the 
reactor effluent to preheat the reactor feed. This allowed for a large reduction in natural gas and 
Dowtherm requirements.  
The project utilities are purchased directly from public and private utility companies and 
are assumed to be readily available in the Gulf Coast region. Utility prices are estimated using 
Table 23.1 (at CE for 2006 = 500) of Product and Process Design Principles, by Seider, Seader 
and Lewin, and are adjusted for 2012 prices, where CE for 2012 is 680. Brief paragraphs 
describing the cost and details associated with each type of utility are followed by full-table 
summaries of all utility requirements.  
Electricity: The process requires 3,944 kW of electricity to power various pumps and 
compressors used throughout the plant. The largest use of electricity comes from the multi-stage 
compressor section utilizing 2,858 kW of electricity. Electricity is available locally at a cost of 
$0.0816/kW-hr, adjusted for 2012 prices. The entire electrical infrastructure contributes 
$2,549,000, roughly 8%, to the total utilities cost. 
Cooling water: The process requires 15,411,000 lb/hr of cooling water to cool and condense 
process streams in various heat exchangers. Cooling water is available by pipeline at 
$0.0128/1000 lb, adjusted for 2012 prices. Cooling water is assumed to enter the plant at a 
temperature of 90 °F and a pressure of 65 psi.  It is used to cool streams by absorbing heat until it 
reaches an outlet temperature of 120 °F. This is the maximum outlet temperature because it is the 
highest allowable temperature for disposal without further extensive processing. A minimum 
temperature approach of 14 °F is employed whenever cooling water is used in the process. 
Cooling water contributes $1,557,000, 5%, to the total utilities cost. 
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Refrigeration: The process requires 2,952,000 lb/hr of refrigeration at -10 °F to condense streams 
in two heat exchangers associated with distillation columns D-402 and D-404. It is available at 
$2.31/ton-day, adjusted for 2012 prices. Refrigeration contributes $1,107,000, 3.5%, to the total 
utilities cost.  
Steam: The process requires 383,000 lb/hr of 50 psig steam which is available at $4.08/1000 lb, 
adjusted for 2012 prices. The steam is used within various heat exchangers to vaporize the 
process stream back to the distillation columns. Low pressure steam, 50 psig, is used for the 
entire system because the reboiler temperatures do not exceed 298 °F, the saturation temperature 
of 50 psig steam. Steam contributes $12,391,000, 39%, to the total utilities cost.  
Natural Gas: The process requires 210,000 SCF/hr of natural gas for the fired heaters. Each 
reactor section consists of a pre-heater and the reactor itself. Natural gas is used to heat the 
Dowtherm which is circulated through the pre-heater and reactor to provide the appropriate 
amount of heat for the catalytic reactions. Natural gas is available via pipeline at $4.35/1000 
SCF, adjusted for 2012 prices. Natural gas contributes $7,243,000, 23%, to the total utilities cost.  
Nitrogen: The process uses 29,000,000 SCF/5-days of nitrogen to pressurize the ethanol storage 
tank. An API 650 storage tank is used to keep ethanol a liquid at atmospheric pressure. Nitrogen 
must be continuously passed through the tank in order to prevent the ethanol from vaporizing at 
atmospheric pressure conditions. 10,000,000 SCH/5-days of nitrogen is also used to absorb the 
heat of reaction during catalyst regeneration.  Nitrogen is available via pipeline at $0.20/1000 
SCF, adjusted for 2012 prices, and contributes $510,000, roughly 2% of the total utilities cost. 
Oxygen: The process requires 99,300 lb/5-days for the regeneration of catalyst in both reactors. 
Catalyst is regenerated by burning off the coke residue that forms on the catalyst surface. It is 
available via pipeline at $.05/lb, adjusted for 2012 prices. Oxygen contributes to $330,000, less 
than 1.0 % of the total utilities cost. 
Wastewater Treatment: The process requires wastewater treatment to remove 3,700 lb/hr of 
organics from the wastewater that leaves through the bottoms of distillation column D-405.  
Since the plant is operating on the Gulf Coast, wastewater treatment facilities are in close 
proximity and readily available to receive the wastewater by pipeline from the butadiene facility. 
8.0 Energy Balance & Utility Requirments   Burla, Fehnel, Louie, Terpeluk 
48 
 
A typical treatment facility charges $0.204/lb-organic-removed for its services, adjusted for 2012 
prices. Wastewater treatment contributes $6,000,000, 19%, of the total utilities cost. 
 
Electricity 
Price 0.082 $/kW-hr     
Block ID Duty (BTU/hr) Usage Rate (kW-hr) Cost ($/hr) Annual Cost ($) 
P-101 29,185 8.6 0.70 5,528 
P-201 22,685 6.6 0.54 4,297 
P-202 65,075 19.1 1.56 12,325 
P-401 43,125 12.6 1.03 8,168 
P-402 28,558 8.4 0.68 5,409 
P-403 11,168 3.3 0.27 2,115 
P-404 4,715 1.4 0.11 893 
P-405 55,748 16.3 1.33 10,559 
P-406 9,933 2.9 0.24 1,881 
P-407 72,932 21.4 1.74 13,814 
P-408 68,581 20.1 1.64 12,990 
P-501 88,405 25.9 2.11 16,711 
P-502 22,747 6.7 0.54 4,277 
P-503 31,371 9.2 0.75 5,940 
C-401 3,148,900 922.8 75.30 596,408 
MSC-201 9,752,900 2,858.3 233.24 1,847,232 
  13,456,029 3,943.6 321.8 2,548,549 
     Cooling Water 
Cooling Value 29.8988 BTU/LB 
 
  
Price 0.000013 $/LB 
 
  
Block ID Duty (BTU/hr) Usage Rate (lb/hr) Cost ($/hr) Annual Cost ($) 
E-401 -29,915,000 1,000,542 12.76 101,082 
E-402 -20,054,000 670,729 8.56 67,762 
E-403 -78,179,000 2,614,787 33.35 264,165 
E-407 -996,110 33,316 0.42 3,366 
E-408 -182,460,000 6,102,586 77.84 616,529 
E-412 -83,254,746 2,784,551 35.52 281,316 
E-414 -6,612,560 221,165 2.82 22,344 
MSC-201 -59,292,000 1,983,090 25.30 200,347 
  -460,763,416 15,410,766 196.58 1,556,911 
     Refrigerant  
Cooling Value 6 BTU/LB 
 
  
Price 0.0000079 $/BTU 
 
  
Block ID Duty (BTU/hr) Usage Rate (lb/hr) Cost ($/hr) Annual Cost ($) 
E-405 -3,404,300 567,383 26.87 212,779 
E-410 -14,307,000 2,384,500 112.91 894,231 
  -17,711,300 2,951,883 139.77 1,107,010 
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Steam (50 psig) 
Heating Value 924 BTU/LB 
 
  
Price 0.00408 $/LB 
 
  
Block ID Duty (BTU/hr) Usage Rate (lb/hr) Cost ($/hr) Annual Cost ($) 
E-404 83,159,000 89,999 367.20 2,908,189 
E-406 4,668,600 5,053 20.61 163,268 
E-409 166,440,000 180,130 734.93 5,820,645 
E-411 12,815,000 13,869 56.59 448,159 
E-413 87,248,170 94,424 385.25 3,051,193 
  354,330,770 383,475 1,565 12,391,453 
     Natural Gas 
Heating Value 1050 BTU/SCF 
 
  
Price 0.00435 $/SCF 
 
  
Block ID Duty (BTU/hr) Usage Rate (SCF/hr) Cost ($/hr) Annual Cost ($) 
FH-501 101,250,000 96,429 419 3,322,157 
FH-502 119,500,000 113,810 495 3,920,966 
  220,750,000 210,238 915 7,243,123 
     Nitrogen 
Price 0.00020 $/SCF 
 
  
Block ID   Usage Rate (SCF/5 days) Cost ($/hr) Annual Cost ($) 
ST-101 
 
28,632,000 47.72 377,942 
R-101 
 
9,795,000 16.33 129,294 
R-301 
 
248,000 0.41 3,274 
    28,632,000 64.46 510,510 
    
  
Oxygen 
Price 0.05 $/LB 
 
  
Block ID   Usage Rate (lb/5 days) Cost ($/hr) Annual Cost ($) 
R-101 
 
96,800 40.33 319,440 
R-301 
 
2,455 1.02 8,102 
    99,255 41.36 327,542 
     Wastewater Treatment 
Price 2.04E-01 $/lb organic removed 
 
  
Stream ID   Organics (lb/hr) Cost ($/hr) Annual Cost ($) 
S47 
 
3,694 754 5,968,322 
    3,694 754 5,968,322 
     Total     3,997 31,653,420 
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9.0 UNIT DESCRIPTIONS 
9.1 COMPRESSORS 
C-201 (Fig. 3, also see p. 122) is a stainless steel, centrifugal compressor, which is used 
to pressurize part of the first reactor’s effluent, stream S9, with a flow rate of 136,000 lb/hr, from 
22 psi to 60 psi.  The compressor has a capacity of 1,400,000 ft3/hr and an efficiency of 90%.  C-
201 is purchased as a component of the multi-stage compressor, MSC-201.  MSC-201 has an 
estimated purchase cost of $4,640,000 and a total purchase and instillation cost of $9,976,000. 
C-202 (Fig. 3, also see p. 122) is a stainless steel, centrifugal compressor, which is used 
to further pressurize part of the first reactor’s effluent, stream S12, with a flow rate of 24,000 
lb/hr, from 53 psi to 160 psi.  The compressor has a capacity of 230,000 ft3/hr and an efficiency 
of 90%.  C-202 is purchased as a component of the multi-stage compressor, MSC-201.  MSC-
201 has an estimated purchase cost of $4,640,000 and a total purchase and instillation cost of 
$9,976,000. 
C-401 (Fig. 4, also see p. 96) is a carbon steel, centrifugal compressor, which is used to 
pressurize part of the second reactor’s effluent, stream S30, with a flow rate of 100,000 lb/hr, 
from 58 psi to 133 psi.  The compressor has a capacity of 250,000 ft3/hr and an efficiency of 
72%.  The estimated purchase cost is $1,030,000 and the total purchase and instillation cost is 
$2,215,000. 
 
9.2 DISTILLATION COLUMNS 
 D-401 (Fig 5, also see p. 97) is a carbon steel distillation column.  The chief function of 
D-401 is to separate the product, butadiene, along with ethylene, from the heavy products, 
including ethanol, acetaldehyde, and water.   The column has 18 stages, a height of 86 feet, and a 
diameter of 12 ft.  The tray efficiency was calculated to be 40% (see Appendix A), requiring a 
total of 37 trays.  For our application, sieve trays of 24-inch spacing are used.  The feed stage is 
tray 12, and the column operates at a molar reflux ratio of 6 and a pressure of 125 psi.  The feed, 
streams S32 and S37, enter the column at a flow rate of 100,000 lb/hr and 190,000 lb/hr and an 
average temperature of 210 °F.  The distillate, S38 and S39, exits the column at a flow rate of 
60,000 lb/hr and a temperature of 108 °F, and the bottoms, S45, exits the column at a flow rate of 
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230,000 lb/hr and a temperature of 280 °F.  The estimated purchase cost of D-401 is $467,000 
and the total purchase and instillation cost is $1,943,000. 
D-402 (Fig 5, also see p. 98) is a carbon steel distillation column.  The chief function of 
D-402 is to separate the product butadiene, from the remaining light byproducts, namely 
ethylene.  The column has 40 stages, a height of 140 feet, and a diameter of 3.5 ft.  The tray 
efficiency was calculated to be 63% (see Appendix A), requiring a total of 64 trays.  For our 
application, sieve trays of 24-inch spacing are used.  The feed stage is tray 31, and the column 
operates at a molar reflux ratio of 4.8 and a pressure of 100 psi.  The feed, S39, enters the 
column at a flow rate of 59,000 lb/hr and a temperature of 108 °F.  The distillate, S40, exits the 
column at a flow rate of 2,000 lb/hr and a temperature of 17 °F, and the bottoms, S41, exits the 
column at a flow rate of 57,000 lb/hr and a temperature of 134 °F.  The estimated purchase cost 
of D-402 is $341,000 and the total purchase and instillation cost is $1,419,000. 
D-403 (Fig 5, also see p. 99) is a carbon steel distillation column.  The chief function of 
D-403 is to separate out the water from ethanol and acetaldehyde, which will be recycled back 
into the second reactor.  The column has 24 stages, a height of 78 feet, and a diameter of 14.5 ft.  
The tray efficiency was calculated to be 60% (see Appendix A), requiring a total of 33 trays.  For 
our application, sieve trays of 24-inch spacing are used.  The feed stage is tray 17, and the 
column operates at a molar reflux ratio of 2 and a pressure of 40 psi.  The feed, S45, enters the 
column at a flow rate of 227,000 lb/hr and a temperature of 280 °F.  The distillate, S46, exits the 
column at a flow rate of 163,000 lb/hr and a temperature of 193 °F, and the bottoms, S47, exits 
the column at a flow rate of 64,000 lb/hr and a temperature of 256 °F.  The estimated purchase 
cost of D-403 is $445,000 and the total purchase and instillation cost is $1,851,000. 
D-404 (Fig 5, also see p. 100) is a carbon steel distillation column.  The chief function of 
D-404 is to separate out the remaining byproducts, butene and diethyl ether, from the ethanol-
acetaldehyde-ethyl acetate mixture, which will be recycled back to the second reactor.  The 
column has 10 stages, a height of 56 feet, and a diameter of 6.5 ft.  The tray efficiency was 
calculated to be 37% (see Appendix A), requiring a total of 22 trays.  For our application, sieve 
trays of 24-inch spacing are used.  The feed stage is tray 12, and the column operates at a molar 
reflux ratio of 3.8 and a pressure of 18 psi.  The feed, S46, enters the column at a flow rate of 
163,000 lb/hr and a temperature of 193 °F.  The distillate, S48, exits the column at a flow rate of 
19,000 lb/hr and a temperature of 81 °F, and the bottoms, S49, exits the column at a flow rate of 
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145,000 lb/hr and a temperature of 170 °F.  The estimated purchase cost of D-404 is $144,000 
and the total purchase and instillation cost is $599,000. 
D-405 (Fig 5, also see p. 101) is a carbon steel distillation column.  The chief function of 
D-405 is to separate out the remaining organics from the wastewater, before it will be treated.  
The column has 40 stages, a height of 198 feet, and a diameter of 11.5 ft.  The tray efficiency 
was assumed to be 60% requiring a total of 64 trays.  For our application, sieve trays of 24-inch 
spacing are used.  The feed stage is tray 33, and the column operates at a molar reflux ratio of 16 
and a pressure of 18 psi.  The feed, S51, enters the column at a flow rate of 65,000 lb/hr and a 
temperature of 254 °F.  The distillate, S52, exits the column at a flow rate of 12,000 lb/hr and a 
temperature of 204 °F, and the bottoms, S54, exits the column at a flow rate of 53,000 lb/hr and a 
temperature of 238 °F.  The estimated purchase cost of D-405 is $877,000 and the total purchase 
and instillation cost is $3,648,000. 
 
9.3 DECANTERS 
DC-401 is a carbon steel decanter (Fig 5, also see p. 102).   It is designed to separate the 
remaining water from the product stream, S41, before the stream is ready to be sold.  S41 enters 
the distillate at 134 °F and 107 psi.  S41 has a flow rate of 57,000 lb/hr and is comprised of 96% 
butadiene, 3% water and 1% acetaldehyde (by mass).  The organic phase is taken off the top of 
tank and the aqueous phase is taken off the bottom of the decanter.  DC-401 operates at the same 
temperature and pressure, as its inlet stream, S41, and therefore no utilities are required.  DC-401 
removes 94% of the water.  Therefore, the organic phase, which exists as stream, S42, has a flow 
rate of 56,000 lb/hr and is now 98% butadiene.  The aqueous phase, which exists as stream S44, 
has a flow rate of 1,400 lb/hr and is 97% water and 2% butadiene.  The estimated purchase cost 
of DC-401 is $24,000 and the total purchase and instillation cost is $73,000. 
 
9.4 HEAT EXCHANGERS 
E-101 (Fig 2, also see p. 103) is a shell-and-tube heat exchanger fabricated from carbon 
steel and stainless steel.  It uses the first reactor’s effluent, stream S7, with a flow rate of 155,000 
lb/hr, to heat the cold feed, stream S2, which also has a flow rate of 155,000 lb/hr.  This heats S2 
from 80 °F to 226 °F and cools S7 from 595 °F to 152 °F.  In the process, S2 is partially 
vaporized, with a vapor fraction of 44%, and S7 is partially condensed, with a vapor fraction of 
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91%.  This process transfers 42 MMBTU/hr of heat.  The estimated purchase cost of E-101 is 
$136,000 and the total purchase and instillation cost is $431,000. 
E-102 (Fig 2, also see p. 104) is a shell-and-tube heat exchanger fabricated from carbon 
steel.  It uses Dowtherm A, stream S64, with a flow rate of 532,000 lb/hr, to further heat the cold 
feed, now separated into two phases, streams S4 and S5, which have flow rates of 69,000 lb/hr 
and 87,000 lb/hr, respectively.  E-102 heats streams S4 and S5 from 226 °F to 595 °F and 
condenses the Dowtherm at 606 °F. Stream S6 is now at the desired temperature for the first 
reaction to occur.  This process transfers 60 MMBTU/hr of heat.  The estimated purchase cost of 
E-102 is $216,000 and the total purchase and instillation cost is $685,000. 
E-201 (Fig 3, also see p. 122) is a shell-and-tube heat exchanger fabricated from carbon 
steel and stainless steel.  It uses cooling water, with a flow rate of 1,800,000 lb/hr, to further cool 
the first reactor’s effluent, stream S10, which has a flow rate of 136,000 lb/hr.  This cools S10 
from 265 °F to 108 °F, and condenses 57 % of the stream.   The cooling water is heated from 90 
°F to 120 °F.  This process transfers 54 MMBTU/hr of heat. E-201 is purchased as a component 
of the multi-stage compressor, MSC-201.  MSC-201 has an estimated purchase cost of 
$4,640,000 and a total purchase and instillation cost of $9,976,000. 
E-202 (Fig 3, also see p. 122) is a shell-and-tube heat exchanger fabricated from carbon 
steel and stainless steel.  It uses cooling water with a flow rate of 190,000 lb/hr, to further cool 
the first reactor’s effluent, stream  S13, which has a flow rate of 24,000 lb/hr.  This cools S13 
from 280 °F to 108 °F, and condenses 9% of the S13.   The cooling water is heated from 90 °F to 
120 °F.  This process transfers 6 MMBTU/hr of heat. E-202 is purchased as a component of the 
multi-stage compressor, MSC-201.  MSC-201 has an estimated purchase cost of $4,640,000 and 
a total purchase and instillation cost of $9,976,000. 
E-301 (Fig 4, also see p. 105) is a shell-and-tube heat exchanger fabricated from carbon 
steel.  It uses the second reactor’s effluent, stream S26, with a flow rate of 288,000 lb/hr, to heat 
the cold feed, stream S23, which has a flow rate of 288,000 lb/hr.  This heats S23 from 150 °F to 
296 °F and cools S26 from 662 °F to 231 °F.  In the process, S26 is completely vaporized and 
S23 is partially condensed, with a vapor fraction of 48%.  This process transfers 130 MMBTU/hr 
of heat.  The estimated purchase cost of E-301 is 44,300 and the total purchase and instillation 
cost is $141,000. 
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E-302 (Fig 4, also see p. 106) is a shell-and-tube heat exchanger fabricated from carbon 
steel.  It uses Dowtherm A, stream S59, with a flow rate of 561,000 lb/hr, to further heat the cold 
feed, stream S23, which has a flow rate of 288,000 lb/hr.  This heats streams S24 from 296 °F to 
662 °F and condenses stream S57 at 666 °F.   S25 is now at the desired temperature for the first 
reaction to occur.  This process transfers 52 MMBTU/hr of heat.  The estimated purchase cost of 
E-302 is $244,000 and the total purchase and instillation cost is $773,000. 
E-401 (Fig 5, also see p. 107) is a shell-and-tube heat exchanger fabricated from carbon 
steel.  It uses cooling water, with a flow rate of 1,000,000 lb/hr, to further cool the second 
reactor’s effluent, stream  S28, which has a flow rate of 160,000 lb/hr.  This cools S28 from 231 
°F to 200 °F, and condenses 45% of the stream.   The cooling water is heated from 90 °F to 120 
°F.  This process transfers 30 MMBTU/hr of heat.  The estimated purchase cost of E-401 is 
$27,800 and the total purchase and instillation cost is $88,000. 
E-402 (Fig 5, also see p. 108) is a shell-and-tube heat exchanger fabricated from carbon 
steel.  It uses cooling water, with a flow rate of 670,000 lb/hr, to further cool the second reactor’s 
effluent now leaving compressor, C-401, stream S31, which has a flow rate of 100,000 lb/hr.  
This cools S31 from 282 °F to 200 °F, and condenses 65% of the stream.   The cooling water is 
heated from 90 °F to 120 °F.  Stream S32 is now at the optimal inlet temperature for the first 
distillation column, D-401.  This process transfers 20 MMBTU/hr of heat.  The estimated 
purchase cost of E-402 is $16,600 and the total purchase and instillation cost is $53,000. 
E-403 (Fig 5, also see p. 109) is a shell-and-tube heat exchanger fabricated from carbon 
steel.  It uses cooling water with a flow rate of 2,600,000 lb/hr to condense the column overhead 
from D-401, which has a flow rate of 424,000 lb/hr. This partially condenses the overhead at 108 
°F and heats the cooling water from 90 °F to 120 °F.  This process transfers 78 MMBTU/hr of 
heat.  The estimated purchase cost of E-403 is $892,000 and the total purchase and instillation 
cost is $2,828,000. 
E-404 (Fig 4, also see p. 109) is a kettle reboiler fabricated from carbon steel.  It uses 
steam at 50 psig, at a flow rate of 83,000 lb/hr, to heat the boil-up of D-401, which has a flow 
rate of 242,000 lb/hr.  This evaporates the boil-up at 280 °F and condenses the steam at 298 °F.  
This process transfers 83 MMBTU/hr of heat.  The estimated purchase cost of E-404 is $238,000 
and the total purchase and instillation cost is $754,000. 
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E-405 (Fig 5, also see p. 110) is a shell-and-tube heat exchanger fabricated from carbon 
steel.  It uses refrigerant with a flow rate of 570,000 lb/hr to condense the column overhead from 
D-402, which has a flow rate of 19,000 lb/hr. This partially condenses the overhead at 17 °F and 
heats the refrigerant from -30 °F to 0 °F.  This process transfers 3 MMBTU/hr of heat.  The 
estimated purchase cost of E-405 is $66,000 and the total purchase and instillation cost is 
$209,000. 
E-406 (Fig 5, also see p. 110) is a kettle reboiler fabricated from carbon steel.  It uses 
steam at 50 psig, at a flow rate of 5,000, to heat the boil-up of D-402, which has a flow rate of 
28,000 lb/hr.  This evaporates the boil-up at 134 °F and condenses the steam at 298 °F.  This 
process transfers 5 MMBTU/hr of heat.  The estimated purchase cost of E-406 is $14,000 and the 
total purchase and instillation cost is $44,000. 
E-407 (Fig 5, also see p. 111) is a shell-and-tube heat exchanger fabricated from carbon 
steel.  It uses cooling water, with a flow rate of 33,000 lb/hr, to cool the product, stream  S42, 
which has a flow rate of 55,000 lb/hr.  This cools S42 from 139 °F to 110 °F so that it can be 
stored.  The cooling water is heated from 90 °F to 120 °F.  This process transfers 1 MMBTU/hr 
of heat.  The estimated purchase cost of E-407 is $11,000 and the total purchase and instillation 
cost is $35,000. 
E-408 (Fig 5, also see p. 112) is a shell-and-tube heat exchanger fabricated from carbon 
steel.  It uses cooling water with a flow rate of 6,100,000  lb/hr to condense the column overhead 
from D-403, which has a flow rate of 490,000 lb/hr. This condenses the overhead at 193 °F and 
heats the cooling water from 90 °F to 120 °F.  This process transfers 182 MMBTU/hr of heat.  
The estimated purchase cost of E-408 is $207,000 and the total purchase and instillation cost is 
$656,000. 
E-409 (Fig 5, also see p. 112) is a kettle reboiler fabricated from carbon steel.  It uses 
steam at 50 psig, at a flow rate of 180,000, to heat the boil-up of D-403, which has a flow rate of 
292,000 lb/hr.  This evaporates the boil-up at 256 °F and condenses the steam at 298 °F.  This 
process transfers 166 MMBTU/hr of heat.  The estimated purchase cost of E-409 is $241,000 
and the total purchase and instillation cost is $764,000. 
E-410 (Fig 5, also see p. 113) is a shell-and-tube heat exchanger fabricated from carbon 
steel.  It uses refrigerant with a flow rate of 2,400,000 lb/hr to partially condense the column 
overhead from D-404, which has a flow rate of 95,000 lb/hr. This condenses the overhead at 81 
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°F and heats the refrigerant from -30 °F to 0 °F.  This process transfers 14 MMBTU/hr of heat.  
The estimated purchase cost of E-410 is $28,000 and the total purchase and instillation cost is 
$89,000. 
E-411 (Fig 5, also see p. 113) is a kettle reboiler fabricated from carbon steel.  It uses 
steam at 50 psig, at a flow rate of 14,000 lb/hr, to heat the boil-up of D-404, which has a flow 
rate of 34,000 lb/hr.  This evaporates the boil-up at 170 °F and condenses the steam at 298 °F.  
This process transfers 13 MMBTU/hr of heat.  The estimated purchase cost of E-411 is $22,000 
and the total purchase and instillation cost is $71,000. 
E-412 (Fig 5, also see p. 114) is a shell-and-tube heat exchanger fabricated from carbon 
steel.  It uses cooling water with a flow rate of 2,800,000 lb/hr to condense the column overhead 
from D-405, which has a flow rate of 187,000 lb/hr. This condenses the overhead at 204 °F and 
heats the water from 90 °F to 120 °F.  This process transfers 83 MMBTU/hr of heat.  The 
estimated purchase cost of E-410 is $62,300 and the total purchase and instillation cost is 
$197,000. 
E-413 (Fig 5, also see p. 114) is a kettle reboiler fabricated from carbon steel.  It uses 
steam at 50 psig, at a flow rate of 94,000 lb/hr, to heat the boil-up of D-405, which has a flow 
rate of 95,000 lb/hr.  This evaporates the boil-up at 238 °F and condenses the steam at 298 °F.  
This process transfers 87 MMBTU/hr of heat.  The estimated purchase cost of E-413 is $110,000 
and the total purchase and instillation cost is $349,000. 
E-414 (Fig 5, also see p. 115) is a shell-and-tube heat exchanger fabricated from carbon 
steel.  It uses cooling water, with a flow rate of 221,000 lb/hr, to cool the wastewater, stream 
S54, which has a flow rate of 53,000 lb/hr.  This cools S53 from 238 °F to 110 °F so that it can 
be treated.  The cooling water is heated from 90 °F to 120 °F.  This process transfers 7 
MMBTU/hr of heat.  The estimated purchase cost of E-414 is $20,500 and the total purchase and 
instillation cost is $65,000. 
 
9.5 PRESSURIZED VESSELS 
F-101 (Figure 2, also see p. 116) is a carbon steel, vertical drum.  It is used to separate the 
vapor and liquid phases from stream S3, which has a flow rate of 155,000 lb/hr.   The vapor 
product, stream S4, has a flow rate of 68,000 lb/hr, and the liquid product, stream S5, has a liquid 
flow rate of 87,000 lb/hr.  F-101 has a storage capacity of 28,000 gallons, a diameter of 5.5 feet, 
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and a height of 16 feet.  It operates at 42 psi and 226 °F.  The estimated purchase cost of F-101 is 
$23,700 and the total purchase and instillation cost is $98,600. 
F-201 (Figure 3, also see p. 117) is a stainless steel, vertical drum.  It is used to separate 
the vapor and liquid phases from stream S8, which has a flow rate of 155,000 lb/hr.   The vapor 
product, stream S9, has a flow rate of 136,000 lb/hr, and the liquid product, stream S17, has a 
flow rate of 19,000 lb/hr.  F-201 has a storage capacity of 3,000 gallons, a diameter of 9.5 feet, 
and a height of 12 feet.  It operates at 22 psi and 152 °F.  The estimated purchase cost of F-201 is 
$58,800 and the total purchase and instillation cost is $245,000. 
F-202 (Figure 3, also see p. 122) is a stainless steel, vertical drum.  It is used to separate 
the vapor and liquid phases from stream S11, which has a flow rate of 136,000 lb/hr.  The vapor 
product, stream S12, has a flow rate of 24,000 lb/hr, and the liquid product, stream S15, has a 
flow rate of 110,000 lb/hr.  F-202 has a storage capacity of 6,000 gallons, a diameter of 7 feet, 
and a height of 12 feet.  It operates at 53 psi and 108 °F.  F-202 is purchased as a component of 
the multi-stage compressor, MSC-201.  MSC-201 has an estimated purchase cost of $4,640,000 
and a total purchase and instillation cost of $9,976,000. 
F-203 (Figure 3, also see p. 118) is a stainless steel, vertical drum.  It is used to separate 
the vapor and liquid phases from streams S14, S16, and S18, which have flow rates of 24,000 
lb/hr, 112,000 lb/hr, and 19,000 lb/hr, respectively. The vapor product, stream S19, has a flow 
rate of 12,000 lb/hr, and the liquid product, stream S22, has a flow rate of 140,000 lb/hr.  It has a 
storage capacity of 4,000 gallons, a diameter of 6 feet, and a height of 18 feet.  It operates at 155 
psi and 121 °F. The estimated purchase cost of F-203 is $53,900 and the total purchase and 
instillation cost is $224,000. 
F-401 (Figure 4, also see p. 119) is a carbon steel, vertical drum.  It is used to separate the 
vapor and liquid phases from stream S27, which has a flow rate of 290,000 lb/hr.  The vapor 
product, stream S28, has a flow rate of 160,000 lb/hr, and the liquid product, stream S35, has a 
flow rate of 130,000 lb/hr.   It has a storage capacity of 4,000 gallons, a diameter of 6 feet, and a 
height of 17.5 feet.  It operates at 66 psi and 231 °F.  The estimated purchase cost of F-401 is 
$29,000 and the total purchase and instillation cost is $119,000. 
F-402 (Figure 4, also see p. 120) is a carbon steel, vertical drum.  It is used to separate the 
vapor and liquid phases from stream S29, which has a flow rate of 160,000 lb/hr.  The vapor 
product, stream S30, has a flow rate of 100,000 lb/hr, and the liquid product, stream  S33, has a 
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flow rate of 60,000 lb/hr.  It has a storage capacity of 2,000 gallons, a diameter of 5 feet, and a 
height of 15 feet.  It operates at 58 psi and 200 °F.  The estimated purchase cost of F-402 is 
$23,000 and the total purchase and instillation cost is $94,000. 
 
9.6 FIRED HEATERS 
FH-501 (Figure 6, also see p. 121) is a carbon steel, indirect fired heater, with horizontal 
carbon steel tubes.  It is used to vaporize the Dowtherm stream, S57, which has a flow rate of 
1,580,000 lb/hr.  It uses natural gas to heat the Dowtherm, with a flow rate of 96,000 SCF/hr.  It 
has a heat duty of 100 MMBTU/hr and a thermal efficiency of 80%.  The estimated purchase 
cost of FH-501 is $2,080,000 and the total purchase and instillation cost is $3,869,000. 
FH-502 (Figure 5, also see p. 121) is a carbon steel, indirect fired heater, with horizontal 
carbon steel tubes.  It is used to heat the liquid Dowtherm stream S61, which has a flow rate of 
940,000 lb/hr.  It uses natural gas to heat the Dowtherm, with a flow rate of 114,000 SCF/hr.  It 
has a heat duty of 120 MMBTU/hr and a thermal efficiency of 80%.  The estimated purchase 
cost of FH-502  is $2,376,000 and the total purchase and instillation cost is $4,419,000. 
 
9.7 PUMPS 
P-101 (Figure 2, also see p. 126) is a carbon steel, centrifugal pump, which is used to 
pressurize the feed stream, S1, which has a flow rate of 155,000 lb/hr.  The pressure of S1 is 
increased from 15 psi to 50 psi, so that it will enter R-101 at the optimal inlet pressure of 35 psi.  
The pump has a capacity of 3,100 ft3/hr and is 69% efficient.   The estimated purchase cost of P-
101 is $7,500 and the total purchase and instillation cost is $25,000.  A spare pump was also 
purchased. 
P-201 (Figure 3, also see p. 126) is a stainless steel, centrifugal pump, which is used to 
pressurize part of the effluent of the first reactor, S17, which has a flow rate of 19,000 lb/hr.  The 
pressure of S17 is increased from 22 psi to 155 psi.  The pump has a capacity of 410 ft3/hr and is 
44% efficient.   The estimated purchase cost of P-201 is $3,000 and the total purchase and 
instillation cost is $9,900.  A spare pump was also purchased. 
P-202 (Figure 3, also see p. 127) is a stainless steel, centrifugal pump, which is used to 
pressurize part of the effluent of the first reactor, S15, which has a flow rate of 110,000 lb/hr.  
The pressure of S15 is increased from 55 psi to 155 psi.  The pump has a capacity of 2,300 ft3/hr 
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and is 66% efficient.   The estimated purchase cost of P-202 is $16,600 and the total purchase 
and instillation cost is $54,800.  A spare pump was also purchased. 
P-401 (Figure 5, also see p. 127) is a carbon steel, centrifugal pump, which is used to 
pressurize part of the effluent of the second reactor, S33, which has a flow rate of 63,000 lb/hr.  
The pressure of S33 is increased from 58 psi to 125 psi, so that it can enter the distillation train at 
the optimal pressure.  The pump has a capacity of 1,400 ft3/hr and is 60% efficient.   The 
estimated purchase cost of P-401 is $7,500 and the total purchase and instillation cost is $25,000.  
A spare pump was also purchased. 
P-402 (Figure 5, also see p. 128) is a carbon steel, centrifugal pump, which is used to 
pressurize part of the effluent of the second reactor, S35, which has a flow rate of 120,000 lb/hr.  
The pressure of S35 is increased from 66 psi to 125 psi, so that it can enter the distillation train at 
the optimal pressure.  The pump has a capacity of 2,600 ft3/hr and is 67% efficient.   The 
estimated purchase cost of P-402 is $6,200 and the total purchase and instillation cost is $20,500.  
A spare pump was also purchased. 
P-403 (Figure 5, also see p. 128) is a carbon steel centrifugal pump, which is used to 
pump the reflux from D-401 back to the top of E-403.  The reflux flows at a rate of 60,000 lb/hr.  
The pump has a capacity of 210 ft3/hr and an efficiency of 70%.  The estimated purchase cost of 
P-403 is $19,000 and the total purchase and instillation cost is $62,700.  A spare pump was also 
purchased. 
P-404 (Figure 5, also see p. 129) is a carbon steel centrifugal pump, which is used to 
pump the reflux from D-402 back to the top of E-405.  The reflux flows at a rate of 17,000 lb/hr.  
The pump has a capacity of 40 ft3/hr and an efficiency of 70%.  The estimated purchase cost of 
P-404 is $4,800 and the total purchase and instillation cost is $15,800.  A spare pump was also 
purchased. 
P-405 (Figure 5, also see p. 129) is a carbon steel centrifugal pump, which is used to 
pump the reflux from D-403 back to the top of E-408.  The reflux flows at a rate of 330,000 
lb/hr.  The pump has a capacity of 1,500 ft3/hr and an efficiency of 70%.  The estimated purchase 
cost of P-405 is $19,000 and the total purchase and instillation cost is $62,700.  A spare pump 
was also purchased. 
P-406 (Figure 5, also see p. 130) is a carbon steel centrifugal pump, which is used to 
pump the reflux from D-404 back to the top of E-410.  The reflux flows at a rate of 80,000 lb/hr.  
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The pump has a capacity of 200 ft3/hr and an efficiency of 70%.  The estimated purchase cost of 
P-406 is $6,400 and the total purchase and instillation cost is $21,100.  A spare pump was also 
purchased. 
P-407 (Figure 5, also see p. 130) is a carbon steel, centrifugal pump, which is used to 
pressurize the recycle stream, S49, which has a flow rate of 145,000 lb/hr.  The pressure of S49 
is increased from 20 psi to 108 psi.  The pump has a capacity of 3,100 ft3/hr and is 69% efficient.   
The estimated purchase cost of P-407 is $9,600 and the total purchase and instillation cost is 
$31,700.  A spare pump was also purchased. 
P-408 (Figure 5, also see p. 131) is a carbon steel centrifugal pump, which is used to 
pump the reflux from D-405 back to the top of E-412.  The reflux flows at a rate of 175,000 
lb/hr.  The pump has a capacity of 1,000 ft3/hr and an efficiency of 70%.  The estimated purchase 
cost of P-406 is $9,800 and the total purchase and instillation cost is $32,000.  A spare pump was 
also purchased. 
P-501 (Figure 6, also see p. 131) is a carbon steel, centrifugal pump, which is used to 
pressurize the Dowtherm liquid stream, S55, which has a flow rate of 1,580,000 lb/hr.  The 
pressure of S55 is increased from 57 psi to 92 psi.  The pump has a capacity of 33,000 ft3/hr and 
is 85% efficient.   The estimated purchase cost of P-501 is $29,300 and the total purchase and 
instillation cost is $96,700.  A spare pump was also purchased. 
P-502 (Figure 6, also see p. 132) is a carbon steel, centrifugal pump, which is used to 
pump the Dowtherm liquid stream, S74, which has a flow rate of 640,000 lb/hr back to the 
storage tank, ST-501.  The pressure of S74 is increased from 50 psi to 57 psi.  The pump has a 
capacity of 14,000 ft3/hr and is 81% efficient.  The estimated purchase cost of P-502 is $11,100 
and the total purchase and instillation cost is $36,600.  A spare pump was also purchased. 
P-503 (Figure 6, also see p. 132) is a carbon steel, centrifugal pump, which is used to 
pump the Dowtherm liquid stream, S69, which has a flow rate of 940,000 lb/hr back to the 
storage tank, ST-501.  The pressure of S69 is increased from 86 psi to 94 psi.  The pump has a 
capacity of 19,000 ft3/hr and is 83% efficient.  The estimated purchase cost of P-502 is $12,700 
and the total purchase and instillation cost is $41,900.  A spare pump was also purchased. 
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9.8 PRESSURE SWING ADSOPORTION UNIT 
PSA-201 (Figure 3, see p. 123) is a pressure swing adsorption unit that is comprised of 
five reciprocating compressors, five cooling water systems, fifty H2 and light end separator 
filters, and three storage units. Stream S19 enters the PSA unit at a flow rate of 12,000 lb/hr, a 
pressure of 155 psi, and a temperature of 121 °F.  Leaving PSA-201 is a 99% pure hydrogen 
stream, S20, which has a flow rate of 3,000  lb/hr and a waste stream, S21, which has a flow rate 
of 9,000 lb/hr. The entire PSA unit was designed via the ESSO consultant. Due to the legal 
obligations of the company, exact specifications and operating conditions could not be obtained, 
including temperature and pressure for outlet streams.  Only a general design and rough cost 
estimations of total direct cost and utilities could be acquired.   The estimated purchase cost of 
PSA-501 is $4,410,000 and the total purchase and instillation cost is $10,231,000.   
 
9.9 REACTION VESSELS 
R-101 (Figure 2, also see p. 124) is a carbon steel, stainless steel fixed head shell-and-
tube heat exchanger. The reaction occurs throughout 2,750, 20-footlong stainless steel tubes, 
with an inner diameter of 1.4 inches and an outer diameter of 1.5 inches. The square pitch of the 
tubes is 1.875 inches, and the diameter of the shell is 115 inches. The shell is 24 feet long, with 
the channel on either end of the exchanger measuring 2 feet. The shell-side pressure is 50 psi and 
the tube-side pressure is 32 psi. The pressure drop across the tubes is 5.73 psi, the inlet tube 
pressure is 35 psi and the outlet tube pressure is 29 psi. The reaction is isothermal, taking place at 
595˚F. The reactants have a volumetric flow rate of 1,270,000 ft3/hr and a superficial velocity of 
4.0 ft/s. The heat duty for the reactor is 46.3 MMBTU/hr, and the tube surface area available for 
heat transfer is 64,800 ft2. The system is being heated by Dowtherm A fluid, which is operating 
as a saturated vapor/liquid at 606˚F and flowing at 408,000 lb/hr. The heat transfer coefficient is 
67 BTU/˚F-ft2-hr. Three units of R-101 are operated in parallel at a given time, and there is an 
additional unit on standby so that continuous operation can be maintained during maintenance or 
catalyst regeneration.   The estimated purchase cost of R-101 is $2,287,000 and the total 
purchase and instillation cost is $7,245,000.   
R-301 (Figure 4, also see p. 125) is a carbon steel fixed head shell-and-tube heat 
exchanger. The reaction occurs throughout 2,747 16-footlong carbon steel tubes, with an inner 
diameter of 1.4 inches and an outer diameter of 1.5 inches. The square pitch of the tubes is 1.875 
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inches, and the diameter of the shell is 115 inches. The shell is 20 feet long, with the channel on 
either end of the exchanger measuring 2 feet. The shell-side pressure is 86 psi and the tube-side 
pressure is 83 psi. The pressure drop across the tubes is 20 psi, the inlet tube pressure is 93 psi 
and the outlet tube pressure is 73 psi. The reaction is isothermal, taking place at 662˚F. The 
reactants have a volumetric flow rate of 1,010,000 ft3/hr and a superficial velocity of 3.2 ft/s. The 
heat duty for the reactor is 13.6 MMBTU/hr, and the tube surface area available for heat transfer 
is 51,700 ft2. The system is being heated by Dowtherm A fluid, which is operating as a saturated 
vapor/liquid at 666˚F and flowing at 79,000 lb/hr. The heat transfer coefficient is 66 BTU/˚F-ft2-
hr. Three units of R-301 are operated in parallel at a given time, and there is an additional unit on 
standby so that continuous operation can be maintained during maintenance or catalyst 
regeneration.  The estimated purchase cost of R-301 is $674,000 and the total purchase and 
instillation cost is $2,136,000.   
 
9.10 REFLUX ACCUMULATORS 
 RA-401 (Figure 5, also see p. 133) is a carbon steel horizontal vessel, used as a reflux 
accumulator for D-401.  It has a residence time of 5 min at half capacity.  Based on this 
residence time, the capacity is found to be 9,400 gallons.  The accumulator has a height of 25 
feet and a diameter of 8 feet.  The estimated purchase cost of RA-401 is $46,000 and the total 
purchase and instillation cost is $140,000.   
RA-402 (Figure 5, also see p. 133) is a carbon steel horizontal vessel, used as a reflux 
accumulator for D-402.  It has a residence time of 5 min at half capacity.  Based on this 
residence time, the capacity is found to be 240 gallons.  The accumulator has a height of 4.5 feet 
and a diameter of 3 feet.  The estimated purchase cost of RA-402 is $10,400 and the total 
purchase and instillation cost is $31,700.   
RA-403 (Figure 5, also see p. 134) is a carbon steel horizontal vessel, used as a reflux 
accumulator for D-403.  It has a residence time of 5 min at half capacity.  Based on this 
residence time, the capacity is found to be 9,400 gallons.  The accumulator has a height of 25 
feet and a diameter of 8 feet.  The estimated purchase cost of RA-403 is $36,300 and the total 
purchase and instillation cost is $111,000.   
RA-404 (Figure 5, also see p. 134) is a carbon steel horizontal vessel, used as a reflux 
accumulator for D-404.  It has a residence time of 5 min at half capacity.  Based on this 
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residence time, the capacity is found to be 1,500 gallons.  The accumulator has a height of 13 
feet and a diameter of 4.5 feet.   The estimated purchase cost of RA-404 is $18,800 and the total 
purchase and instillation cost is $57,300.   
RA-405 (Figure 5, also see p. 135) is a carbon steel horizontal vessel, used as a reflux 
accumulator for D-405.  It has a residence time of 5 min at half capacity.  Based on this 
residence time, the capacity is found to be 3,700 gallons.  The accumulator has a height of 17 
feet and a diameter of 5.5 feet.   The estimated purchase cost of RA-404 is $22,200 and the total 
purchase and instillation cost is $67,400.   
 
9.11 SPLITTERS AND MIXERS 
All splitters and mixers are simply T’s in the pipeline.  Splitters are utilized to split the 
feed streams into the individual reactor units for R-101 and R-301.  Mixers are used to mix the 
effluent of the reactors, as well as the feed to the second reactor with the recycle stream.  
Splitters and mixers are also used in the Dowtherm heating system to separate the Dowtherm 
between E-102, R-101, E-302, and R-301.  No purchase cost is associated with the splitters and 
mixers as they are merely pipeline. 
 
9.12 STORAGE TANKS 
ST-101 (Fig. 2, also see p. 136) is a carbon steel, flat bottom API 650 storage tank.  It 
temporarily stores the ethanol feed before it is processed.  The tank has a diameter of 126 feet 
and is 48 feet tall.  It has a storage capacity of 4,400,000 gallons, and has a hold-up time of 7 
days.  It operates at 80 °F and 15 psi.  In order to keep the ethanol in the liquid phase, nitrogen 
gas flows through the tank at a rate of 29,000,000 SCF/five days.  The estimated purchase cost of 
ST-401 is $1,963,000 and the total purchase and instillation cost is $3,652,000.   
ST-401 (Fig. 5, also see p. 136) is a carbon steel, pressurized storage tank.  It temporarily 
stores the butadiene product while it is being inspected to ensure purity and quality.  The tank 
has a diameter of 14.5 feet and is 73 feet tall.  It has a storage capacity of 90,000 gallons, and has 
a hold-up time of 8 hours.  It operates at 110 °F and 88 psi.  The estimated purchase cost of ST-
401 is $435,000 and the total purchase and instillation cost is $1,237,000.   
ST-402 (Fig. 5, also see p. 137) is a carbon steel, pressurized storage tank.  It temporarily 
stores the butadiene product while it is being inspected to ensure purity and quality.  ST-402 and 
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ST-401 alternate operation so that continuous flow can be maintained.   ST-402 has a diameter of 
14.5 feet and is 73 feet tall.  It has a storage capacity of 90,000 gallons, which gives it a hold-up 
time of 8 hours.  It operates at 110 °F and 88 psi.  The estimated purchase cost of ST-402 is 
$435,000 and the total purchase and instillation cost is $1,327,000.   
ST-403 (Fig. 5, also see p. 137) is a spherical carbon steel, pressurized storage tank.  It 
temporarily stores the butadiene product before it can be shipped and sold.  It has a storage 
capacity of 1,900,000 gallons, which gives it a hold-up time of 3 days.  It operates at 110 °F and 
88 psi.  The estimated purchase cost of ST-403 is $1,855,800 and the total purchase and 
instillation cost is $5,658,000.     
ST-501 (Fig. 5, also see p. 138) is a spherical carbon steel, pressurized storage tank.  It 
stores the liquid Dowtherm, S70, before it is sent back to heat the reactors.  It has a storage 
capacity of 41,600 gallons, which gives it a hold-up time of 10 minutes.  It operates at 631 °F 
and 57 psi.  The estimated purchase cost of ST-501 is $177,000 and the total purchase and 
instillation cost is $540,000.     
ST-502 (Fig. 5, also see p. 138) is a spherical carbon steel, pressurized storage tank.  It 
temporarily stores the liquid Dowtherm, S68, before it is sent back to heat the reactors.  It has a 
storage capacity of 16,800 gallons, which gives it a hold-up time of 10 minutes.  It operates at 
666 °F and 87 psi.  The estimated purchase cost of ST-501 is $92,800 and the total purchase and 
instillation cost is $283,000.     
ST-503 (Fig. 5, also see p. 139) is a spherical carbon steel, pressurized storage tank.  It 
temporarily stores the liquid Dowtherm, S73, before it is sent back to heat the reactors.  It has a 
storage capacity of 24,600 gallons, which gives it a hold-up time of 10 minutes.  It operates at 
606 °F and 50 psi.  The estimated purchase cost of ST-501 is $125,000 and the total purchase 
and instillation cost is $381,000.     
 
9.13 VALVES 
Only one valve, a decompression valve, is shown in the process flow sheets.  It is used to 
lower the pressure of S60 from 87 psi to 50 psi, so that it can enter R-101 and E-102 at the 
optimal pressure and temperature.  In reality, many more control valves will be needed 
throughout the process to minimize disturbances and ensure consistency of temperatures and 
pressures.
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10.0 COST SUMMARIES 
10.1 EQUIPMENT COST SUMMARY 
The purchase and bare-module costs for all equipment are shown below.  Most of the 
purchase costs were obtained using ASPEN IPE.  For the reactors, heat exchangers, fired heaters, 
and spherical storage tanks, the correlations found in Product and Process Design Principles were 
used.  The correlations were based on 2006 prices.  Therefore, purchases costs were converted to 
2012 prices using the Chemical Engineering Plant Cost Index, where the CE value is 500 for 
2006 and 680 for 2012.  Sample calculations of these correlations are shown in Appendix C.  
The cost of the pressure swing adsorption unit is based on a quote from the ESSO consultant.  
All purchase costs were then multiplied by the bare-module factors found in Product and Process 
Design Principles to estimate total bare-module costs.   
ID Description Cpurchase ($)  Price Source  FBM CBM ($) 
      C-401 Centrifugal Compressor 1,030,000 IPE 2.15 2,215,000 
      D-401 Distillation Tower 467,000 IPE 4.16 1,943,000 
D-402 Distillation Tower 341,000 IPE 4.16 1,419,000 
D-403 Distillation Tower 445,000 IPE 4.16 1,851,000 
D-404 Distillation Tower 144,000 IPE 4.16 599,000 
D-405 Distillation Tower 877,000 IPE 4.16 3,648,000 
  Distillation Tower Total 2,274,000 
 
9,460,000 
      E-101 Shell-and-tube Heat Exchanger 136,000 Seider 3.17 431,000 
E-102 Shell-and-tube Heat Exchanger 216,000 Seider 3.17 685,000 
E-301 Shell-and-tube Heat Exchanger 44,300 Seider 3.17 141,000 
E-302 Shell-and-tube Heat Exchanger 244,000 Seider 3.17 773,000 
E-401 Shell-and-tube Heat Exchanger 27,800 Seider 3.17 88,000 
E-402 Shell-and-tube Heat Exchanger 16,600 Seider 3.17 53,000 
E-403 Shell-and-tube Heat Exchanger 892,000 IPE 3.17 2,828,000 
E-404 Kettle Reboiler 238,000 IPE 3.17 754,000 
E-405 Shell-and-tube Heat Exchanger 65,900 IPE 3.17 209,000 
E-406 Kettle Reboiler 13,900 IPE 3.17 44,400 
E-407 Shell-and-tube Heat Exchanger 11,000 Seider 3.17 35,000 
E-408 Shell-and-tube Heat Exchanger 207,000 IPE 3.17 656,000 
E-409 Kettle Reboiler 241,000 IPE 3.17 764,000 
E-410 Shell-and-tube Heat Exchanger 28,100 IPE 3.17 89,000 
E-411 Kettle Reboiler 22,400 IPE 3.17 71,000 
E-412 Shell-and-tube Heat Exchanger 62,300 IPE 3.17 197,000 
E-413 Kettle Reboiler 110,000 IPE 3.17 349,000 
E-414 Shell-and-tube Heat Exchanger 20,500 Seider 3.17 65,000 
  Heat Exchanger Total 2,597,000   8,232,000 
      DC-401 Decanter 24,000  IPE  3.05 73,000 
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     F-101 Vertical Pressurized Vessel 23,700  IPE  4.16 98,600 
F-201 Vertical Pressurized Vessel 58,800  IPE  4.16 245,000 
F-203 Vertical Pressurized Vessel 53,900  IPE  4.16 224,000 
F-401 Vertical Pressurized Vessel 28,700  IPE  4.16 119,000 
F-402 Vertical Pressurized Vessel 22,600  IPE  4.16 94,000 
  Vertical Vessel Total 188,000   781,000 
      FH-501 Fired Heater 2,080,000 Seider 1.86 3,869,000 
FH-502 Fired Heater 2,376,000 Seider 1.86 4,419,000 
  Fired Heater Total 4,456,000   8,288,000 
        MSC-201 4,640,000 IPE 2.15 9,976,000 
      P-101 Centrifugal Pump 7,500  IPE  3.30 25,000 
P-201 Centrifugal Pump 3,000  IPE  3.30 9,900 
P-202 Centrifugal Pump 16,600  IPE  3.30 54,800 
P-401 Centrifugal Pump 7,500  IPE  3.30 24,800 
P-402 Centrifugal Pump 6,200  IPE  3.30 20,500 
P-403 Centrifugal Pump 19,000  IPE  3.30 62,700 
P-404 Centrifugal Reflux Pump 4,800  IPE  3.30 15,800 
P-405 Centrifugal Reflux Pump 19,000  IPE  3.30 62,700 
P-406 Centrifugal Reflux Pump 6,400  IPE  3.30 21,100 
P-407 Centrifugal Pump 9,600  IPE  3.30 31,700 
P-408 Centrifugal Reflux Pump 9,800  IPE  3.30 32,000 
P-501 Centrifugal Pump 29,300  IPE  3.30 96,700 
P-502 Centrifugal Pump 11,100  IPE  3.30 36,600 
P-503 Centrifugal Pump 12,700  IPE  3.30 41,900 
  Pump Total  163,000   536,000 
      PSA-201 Pressure Swing Adsorption Unit 4,410,000  ESSO Consultant  2.32 10,231,000 
      R-101 Fixed Bed Reactor 2,287,000 Seider 3.17 7,245,000 
R-301 Fixed Bed Reactor 674,000 Seider 3.17 2,136,000 
  Reactor Total 2,961,000   9,381,000 
      RA-401  Reflux Accumulator  46,000  IPE  3.05 140,000 
RA-402  Reflux Accumulator  10,400  IPE  3.05 31,700 
RA-403  Reflux Accumulator  36,300  IPE  3.05 111,000 
RA-404  Reflux Accumulator  18,800  IPE  3.05 57,300 
RA-405  Reflux Accumulator  22,200  IPE  3.05 67,400 
  Reflux Accumulator Total 134,000     408,000 
      ST-101  Flat Bottom Storage Tank  1,963,000  IPE  1.86 3,652,000 
ST-401  Vertical Pressurized  Tank  435,000  IPE  3.05 1,237,000 
ST-402  Vertical Pressurized  Tank  453,000  IPE  3.05 1,237,000 
ST-403  Spherical Pressurized Tank  1,855,000 Seider 3.05 5,658,000 
ST-501  Spherical Pressurized Tank  177,000 Seider 3.05 540,000 
ST-502  Spherical Pressurized Tank  92,800 Seider 3.05 283,000 
ST-503  Spherical Pressurized Tank  125,000 Seider 3.05 381,000 
   Storage Tanks Total 5,100,000     13,221,000 
         Total 23,567,000     72,802,000 
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10.2 FIXED CAPITAL INVESTMENT SUMMARY 
 
 In order to calculate the fixed capital investment for the proposed plant construction, 
estimates for Total Bare Module Investment (TBM), Total Direct Permanent Investment (DPI), 
Total Depreciable Capital (TDC), Total Permanent Investment (TPI), and Total Capital 
Investment (TCI) were calculated.  In addition to the equipment costs, calculated in the previous 
section, the total bare module costs include costs for spares, storage, catalysts, and Dowtherm A.  
The total capital investment was estimated to be $155 million. 
 
Total Bare Module Costs   
  Equipment  $                    72,802,000  
  Spares  $                         536,000  
  Storage Tanks  $                         558,300  
  Catalysts  $                      4,795,000  
  Dowtherm A  $                      1,127,000  
Total Bare Module Investment (TBM)  $                    79,818,300  
   Cost of Site Preparation  $                    11,972,745  
Cost of Service Facilities  $                      7,981,830  
Allocated Cost for Utility Plants   
Total Direct Permanent Investment (DPI)  $                    99,772,875  
   Cost of Contingencies and Contractor's Fee  $                    17,959,118  
Total Depreciable Capital (TDC)  $                  117,731,993  
   Cost of Land  $                      2,354,640  
Cost of Royalties   
Cost of Plant Startup  $                    11,773,199  
Total Permanent Investment (TPI)  $                  131,859,832  
   Working Capital   $                    23,422,535 
Total   $                  155,282,367  
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For the economic analysis, the only spare equipment considered was for the pumps.  The 
cost of storage was estimated at $536,000 using the “Economic Analysis Spreadsheet” provided 
in Product and Process Design Principles.  The cost of site preparation was set at 15% because it 
is a grass-roots plant.  The cost of service facilities was set at 10% because there is high utility 
usage associated with this design.  No cost was associated with offsite utility plants since all 
utilities are purchased from vendors.  The contingency and contractor’s fee was set at 18% of the 
DPI.  The costs of land and plant startup were set at 2% and 10% of the TDC, respectively.  The 
cost of royalties was set at 0% of the TDC because no outside research is used and the process 
has been known since the 1940s.   
Working capital was computed assuming 3 days inventory of the product, 7 days 
inventory of the feed, and 30 days of accounts receivable, accounts payable, and cash reserves.  
The discount rate was assumed to be 15%. 
 
  Year 
  2013 2014 2015 
Accounts Receivable ($)  24,487,307  12,243,653  12,243,653  
Cash Reserves ($) 2,178,918  1,089,459  1,089,459  
Accounts Payable ($) (18,209,590) (9,104,795) (9,104,795) 
Butadiene Inventory ($) 2,448,731  1,224,365  1,224,365  
Ethanol Inventory ($) 3,952,923  1,976,461  1,976,461  
Total ($) 14,858,289  7,429,145  7,429,145  
Present Value at 15% 12,920,251  5,617,501  4,884,783  
Total Working Capital ($)     23,422,535  
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10.3 VARIABLE COST SUMMARY 
In order to calculate the total variable cost for the proposed plant construction, the annual 
costs for raw materials, utilities, and general expenses were summed minus the expected revenue 
from byproducts. Hydrogen is produced in purified form and thus can be sold as a byproduct.  
The distillate streams from the distillation towers and the waste stream from the PSA unit are 
burned for energy because none of them contain any one compound in high purity and thus 
cannot be sold.  Total variable costs were estimated to be $524 million, annually. 
Raw Materials  Cost ($/lb Butadiene)  Annual Cost ($) 
  Ethanol 1.04  458,068,894 
Total Raw Materials 1.04  458,068,894 
    Utilities  Cost ($/lb Butadiene)  Annual Cost ($) 
  Steam 0.028  12,391,453 
  Cooling Water 0.0035  1,556,911 
  Refrigeration 0.0025  1,107,010 
  Natural Gas 0.015  7,243,123 
  Electricity 0.0058  2,548,549 
  Wastewater Treatment 0.014  5,968,322 
  Oxygen 0.0033  327,542 
  Nitrogen 0.0011  510,510 
  PSA Unit 0.0045  2,000,000 
Total Utilities 0.073 33,653,421 
    Byproducts  Cost ($/lb Butadiene)  Annual Cost ($) 
  Hydrogen (0.0316) (13,929,220) 
  Energy Credit (0.017) (11,453,774) 
Total Byproducts (0.049) (25,382,994) 
    General Expenses  Cost ($/lb Butadiene)  Annual Cost ($) 
  Selling/Transfer 0.045  19,861,927 
  Direct Research 0.023  9,930,963 
  Allocated Research 0.015  6,620,642 
  Administrative Expenses 0.030  13,241,284 
  Management Incentives 0.019  8,275,803 
Total General Expenses 0.131  57,930,620 
    Total Variable Cost 1.19  524,269,939  
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Production level of butadiene is assumed to be 56,000 lb/hr.  Based on the ASPEN 
simulation, ethanol usage is assumed to be 155,000 lb/hr, and the price of ethanol plus freight 
cost is assumed to be $2.50/gal. The cost and usage totals for each of the utilities are presented 
on page 44.  Duties and costs for the utilities were based on information presented in Product and 
Process Design Principles, and were adjusted for 2012 prices.  Hydrogen is produced at a rate of 
3,000 lb/hr and is estimated to have a price of $0.57/lb, a conservative estimate. The distillate 
streams from the distillation towers and the waste stream from the PSA unit produce a total 
heating value of 140 MMBTU/hr of energy, which is assumed can be sold at a price of 
$2.60/MMBTU. 
 Selling and transfer expenses are assumed to be 3% of sales.  Direct and allocated 
research is assumed to be 1.5% and 1% of sales, respectively because little research is involved 
in our process, which has been known and implemented since the 1940s.  Administrative 
expenses and management incentives are set at 2.0% and 1.25% of sales, respectively, which are 
based on the suggested values presented in Product and Process Design Principles. 
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10.4 FIXED COST SUMMARY 
Total fixed cost was calculated from the total cost of operations, maintenance, operating 
overhead, insurance, and taxes.  The total fixed cost was estimated to be $25 million. 
 
Operations Annual Cost ($) 
  Direct Wages and Benefits 3,640,000 
  Direct Salaries and Benefits 546,000 
  Operating Supplies and Services 218,400 
  Technical Assistance to Manufacturing 3,000,000 
  Control Laboratory 3,250,000 
Total Operations 10,654,400 
   Maintenance Annual Cost ($) 
  Wages and Benefits 4,120,620 
  Salaries and Benefits 1,030,155 
  Materials and Services 4,120,620 
  Maintenance Overhead 206,031 
Total Maintenance 9,477,425 
   Operating Overhead Annual Cost ($) 
  General Plant Overhead 662,911 
  Mechanical Department Services 224,083 
  Employee Relations Department 550,870 
  Business Services 690,921 
Total Operating Overhead 2,128,785 
   Property Insurance and Taxes Annual Cost ($) 
Total Property Insurance and Taxes 2,354,640 
   Total 24,615,250 
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For our process, ten operators are needed per shift- two operators for each of the five 
sections.  Also, five shifts are assumed.  Direct wages and benefits (DW&B) are based on a cost 
of $35/operator-hr.   Costs for direct salaries and benefits are set at 15% of DW&B and costs for 
operating supplies and services are set at 6% of DW&B. Cost for technical assistance is set at 
$60,000/operator/shift-yr and cost for the control laboratory is set at $65,000/operator/shift-yr.   
Wages and benefits (MW&B) is set at 3.5% of TDC, since only fluids are present in our process.  
Costs associated with salaries and benefits, materials and services, and maintenance overhead are 
set at 25%, 100%, and 5% of MW&B, respectively.  The plant overhead, mechanical department 
services, employee relations department, and business services are set at 7.1%, 2.4%, 5.9%, and 
7.4% of M&O-SW&B, respectively.  Finally, property taxes and insurance cost was set at 2% of 
TDC.  The fixed cost analysis did not take into account rental fees and licensing fees. 
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11.0 ECONOMIC ANALYSIS 
The return on investment is calculated as the ratio of the net annual earnings, including 
income tax and a five-year MACRS depreciation schedule, and the total capital investment, 
adjusted for working capital effects.  Our process produced a ROI of 34%, which was based on 
the third production year. 
 
 
  Annual Sales ($)           595,857,80 
  Annual Costs ($) 
 
     (497,404,610)  
  Depreciation ($) 
 
       (10,548,787) 
  Income Tax ($) +        (32,524,630) 
Net Earnings ($) ÷         55,379,775  Total Capital Investment ($)       161,576,410  
ROI     34% 
 
 
The internal rate of return (IRR) for this project is 40% and the net present value (NPV) 
for a 15% discount rate is $172,000,000.  Both of these values were calculated using the 
“Economic Analysis” EXCEL spreadsheet, which was provided in Product and Process Design 
Principles.  The full spreadsheet, including the cash flow summary, can be found in Appendix G.  
Based on these figures, our process is not only economically feasible but also a considerably 
attractive business venture.  However, our plant requires a substantial capital investment, 
approximately $160 million.  Furthermore, the profitability is dependent on a myriad of external 
factors, most notably the prices of ethanol and butadiene. The impact of these factors is analyzed 
below. 
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Feed Price 
 
 
 
 
 
 
 
 
 
 
 
Figure 12: Effect of Ethanol Prices on IRR and NPV assuming a Butadiene Price of $1.50/lb 
 
 
 
Figure 13: Price of Ethanol Over Time ($/gal) (From Financial Times) 
 
Both the IRR and NPV of our process show a near linear relationship with the price of 
ethanol. There should be some concern over the fact that the price of ethanol needs to increase to 
only $3.00/gal for the IRR of the project to be 0%, all else being equal. Ethanol futures since 
2005 have ranged from $1.20 per gallon to $3.50 per gallon.  For the vast majority of the past 
seven years, however, the price of ethanol has remained below $3.00/gal, the point at which our 
venture becomes unprofitable. It is also worth noting that there is no clear upward trend in the 
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price of ethanol. It would not be unreasonable to suggest prices are likely to stay within the 
$1.50/gal to $3.00/gal range for the foreseeable future.  
 
Product Price 
 
 
 
 
 
 
 
 
 
 
 
Figure 14: Effect of Butadiene Prices on IRR and NPV assuming an Ethanol Price of $2.50/gal 
 
Demand is a function of many factors, including the state of the economy and 
technological advancements.  Butadiene demand and price have seen large changes in the past 
decade due to a shift in hydrocarbon cracking technology.  The current trend to use ethane as a 
feedstock for ethylene production has reduced the amount of butadiene being produced as a 
byproduct.  This has increased demand for butadiene considerably, which has in turn raised the 
price from less than $1.00/lb to over a $1.50/lb today.   Consequently, our process of production 
would not have been profitable before this shift, and there would have been little reason to 
advocate its implementation.  However, there is no indication the current trend is going to 
change, and given the high demand growth rate relative to supply growth rate of butadiene over 
the past five years, we can expect to move up along the curve over the years – all else held 
constant.  Therefore, even with marginally increasing ethanol prices, butadiene production would 
still likely be a profitable business venture.   
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Below are two-variable sensitivity analyses, which compare the relative effects of inputs 
on the IRR of our butadiene plant.  As discussed above, ethanol and butadiene price appear to 
have the strongest effect, with a 20% increase in ethanol prices or 17% decrease in butadiene 
price resulting in a negative IRR.  In comparison a 20% change in total equipment cost would 
only result in relatively small increase or decrease in IRR, around 5%. IRR appears to have a 
larger dependency on variable cost.  This agrees with the previous analysis that variable cost is 
strongly correlated with ethanol prices since ethanol cost accounts for more than 85% of total 
variable cost.  Also, the effect of utilities with the largest percent usage in our process, steam and 
natural gas, were analyzed.  Both show a relatively small effect on IRR, even assuming large 
changes in their cost. 
 
Product Price and Feed Price 
    Ethanol Price ($/gal) 
  
 
1.75 2.00 2.25 2.50 2.75 3.00 3.25 
B
ut
ad
ie
ne
 P
ri
ce
 
($
/lb
) 
0.75 Negative Negative Negative Negative Negative Negative Negative 
1.00 16.00% Negative Negative Negative Negative Negative Negative 
1.25 51.15% 36.57% 20.29% Negative Negative Negative Negative 
1.50 80.02% 67.11% 53.71% 39.60% 24.15% 4.62% Negative 
1.75 105.94% 94.04% 81.82% 69.22% 56.15% 42.46% 27.69% 
2.00 129.58% 118.51% 107.15% 95.51% 83.55% 71.23% 58.49% 
2.25 151.30% 140.93% 130.32% 119.45% 108.33% 96.92% 85.21% 
 
Product Price and Equipment Cost 
  
Equipment Cost ($) 
 
#REF!   60,000,000    65,000,000    70,000,000    72,802,000    75,000,000    80,000,000    85,000,000  
B
ut
ad
ie
ne
 P
ri
ce
 
($
/lb
) 
0.75 Negative Negative Negative Negative Negative Negative Negative 
1.00 Negative Negative Negative Negative Negative Negative Negative 
1.25 0.41% Negative Negative Negative Negative Negative Negative 
1.50 45.86% 43.21% 40.83% 39.60% 38.67% 36.70% 34.89% 
1.75 79.03% 74.88% 71.15% 69.22% 67.77% 64.69% 61.87% 
2.00 108.36% 102.94% 98.05% 95.51% 93.61% 89.56% 85.85% 
2.25 134.81% 128.36% 122.50% 119.45% 117.17% 112.29% 107.80% 
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Variable Cost and Equipment Cost 
  
Equipment Cost ($) 
 
#REF!   60,000,000    65,000,000    70,000,000    72,802,000    75,000,000    80,000,000    85,000,000  
V
ar
ia
bl
e 
C
os
t 
($
/y
r)
 
450,000,000 74.24% 70.13% 66.44% 64.54% 63.11% 60.10% 57.35% 
475,000,000 64.90% 61.29% 58.05% 56.37% 55.12% 52.46% 50.03% 
500,000,000 55.50% 52.38% 49.57% 48.11% 47.03% 44.71% 42.59% 
525,321,511 45.86% 43.21% 40.83% 39.60% 38.67% 36.70% 34.89% 
550,000,000 36.24% 34.05% 32.06% 31.03% 30.26% 28.60% 27.07% 
575,000,000 26.06% 24.30% 22.69% 21.85% 21.22% 19.85% 18.59% 
600,000,000 14.91% 13.53% 12.25% 11.58% 11.07% 9.96% 8.92% 
 
 
Price of Steam and Price of Natural Gas 
  
Price of Steam ($/lb) 
 
#REF! 
        
0.0025  
        
0.0030  
        
0.0035  
        
0.0041  
        
0.0045  
        
0.0050  
        
0.0055  
Pr
ic
e 
of
 N
at
ur
al
 G
as
 
($
/S
C
F)
 
0.0030 42.30% 41.79% 41.27% 40.68% 40.24% 39.73% 39.21% 
0.0035 41.90% 41.39% 40.87% 40.28% 39.84% 39.33% 38.81% 
0.0040 41.51% 40.99% 40.48% 39.88% 39.44% 38.92% 38.40% 
0.0044 41.23% 40.71% 40.20% 39.60% 39.16% 38.64% 38.12% 
0.0045 41.11% 40.59% 40.08% 39.48% 39.04% 38.52% 38.00% 
0.0050 40.71% 40.19% 39.68% 39.07% 38.64% 38.12% 37.60% 
0.0055 40.31% 39.79% 39.27% 38.67% 38.24% 37.72% 37.19% 
 
We also considered the effect of research cost.  We assumed 1.5% and 1% of sales would 
be put into direct and allocated research, respectively, which were the low-end values suggested 
in Product and Process Design Principles.  However, since our process has had little to no 
research done since the 1940s, it is very likely that even more cost would have to be allocated to 
research. One of the limiting factors of our design was the lack of kinetic data for our second 
reaction. Though further study of kinetics would require a larger percentage of sales to be put 
into research, which would lower IRR modestly, it also offers the potential to lower cost with 
improved process operating conditions. 
 
 
11.0 Economic Analysis   Burla, Fehnel, Louie, Terpeluk 
 
78 
 
Direct Research and Allocated Research 
  
Direct Research (% of Sales) 
 
 $                     0  0.0% 0.5% 1.0% 1.5% 2.0% 2.5% 3.0% 
A
llo
ca
te
d 
R
es
ea
rc
h 
 
(%
 o
f S
al
es
) 
0.0% 45.19% 44.07% 42.96% 41.84% 40.72% 39.60% 38.47% 
5.0% 33.89% 32.73% 31.57% 30.39% 29.21% 28.01% 26.81% 
1.0% 42.96% 41.84% 40.72% 39.60% 38.47% 37.33% 36.19% 
1.5% 41.84% 40.72% 39.60% 38.47% 37.33% 36.19% 35.04% 
2.0% 40.72% 39.60% 38.47% 37.33% 36.19% 35.04% 33.89% 
2.5% 39.60% 38.47% 37.33% 36.19% 35.04% 33.89% 32.73% 
3.0% 38.47% 37.33% 36.19% 35.04% 33.89% 32.73% 31.57% 
 
Finally, an IRR analysis was considered if the plant was built in Brazil instead of the 
United States.  Initially, it was decided to build in the United States due to the sugar cane 
interharvest period in Brazil when production of ethanol stops for three to four months and the 
difficulty in finding accurate costs for ethanol in Brazil compared to the USA.  However, 
assuming that the plant would simply shut down for three and half months out of the year, the 
following graph shows that the price of ethanol would have to be $2.30, or $0.20 cheaper than 
the domestic price, for the plant to maintain the same IRR. 
 
Figure 15: Effect of Ethanol Price on IRR assuming 258 days of Operation in Brazil 
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12.0 OTHER IMPORTANT CONSIDERATIONS 
 
12.1 ENVIRONMENTAL ISSUES 
 This process results in a high volume of wastewater. If any water is discharged into a 
nearby natural water source, the water must first be treated to remove hydrocarbons and cooled 
to remove excess heat. Due to the necessity to treat the wastewater, the water must be sent to a 
wastewater treatment facility. On the Gulf Coast, wastewater treatment can be found in relative 
ease due to the high number of chemical plants at this location. The process also has four flue 
gas streams that will be burned and result in some CO2 emissions. The regeneration process, 
which reacts oxygen with the carbon deposit on the catalysts, will also result in CO2 emissions. 
Governmental permits for these emissions must be obtained and followed.  
 
12.2 SAFETY AND HEALTH ISSUES 
Essentially all process streams involve gaseous and liquid hydrocarbons.  With the high 
flow rates of hydrocarbons, there is always a risk of explosion or fire. Also, due to the high 
operating temperatures there is a risk of serious injury due to burns. Human operators should 
minimize contact and exercise caution when servicing any piece of equipment. Additionally, the 
ethanol feed can cause potential health problems if not properly contained. More information on 
the health effects can be found in the MSDS sheet for each component included in Appendix F.  
Aside from ethanol concerns, a major chemical concern is the Dowtherm. Dowtherm is 
extremely toxic and careful consideration must be taken to check the entire Dowtherm system for 
structural instability.  
 
12.3 PLANT STARTUP CONSIDERATIONS 
The plant requires sufficient time to achieve appropriate steady state conditions prior to 
processing the ethanol. All reactors and the Dowtherm heating fluid must first be heated to the 
optimal reaction conditions. Heat must be supplied to the reactor at start-up to initiate the partial 
condensation of the Dowtherm.  Prior to startup the ethanol feed must be purchased in a seven 
day quantity and stored in the API storage tank.  Due to daily usage rate of ethanol of 3,545,000 
lbs, tank trucks and railcars are not capable of delivering the ethanol to the plant site.  A barge 
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delivery system must be used to transport a seven day supply of 24,814,000 lbs.  Plant startup 
costs are estimated to be 10% of the total depreciable capital.  
 
12.4 PROCESS CONTROLLABILITY 
 This process requires various control valves and instrumentation that will result in 
pressure drops throughout the process. However, the project that is being presented does not 
incorporate control in its design. Consideration of all control systems must be taken into account 
if this design is to be scaled to a pilot plant. The process control valves and instrumentation will 
cause pressure drops and will have to be accounted for in the process compressors and pumps. 
The increased pressure in the compressors and pumps will result in higher utility cost for each 
piece of pressure equipment. 
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13.0 CONCLUSIONS 
After thorough investigation of the two-step catalytic process of converting ethanol to 1,3 
butadiene, we have concluded that the process would be a promising venture. Though the project 
requires a significant initial total capital investment of $160 million, the potential for large profit 
combined with a growing demand for butadiene allows this project to look more profitable in the 
long run. The current design achieves the 200,000 tonne target production level of 98% pure 
butadiene per year and results in an ROI of 34%, an IRR of 40%, and a NPV of $172 million.  
With butadiene’s importance in the global rubber industry and reductions in production 
rates of butadiene from hydrocarbon extraction, investing in a butadiene plant is both a secure 
and promising business venture. However, given the size of the initial capital investment, a 
major chemical corporation would be the ideal candidate to engage in such a venture.  
The overall economics and sensitivity analysis show that this project will be profitable 
following recent market trends. With ethanol occupying a significant proportion of the total 
variable cost, ethanol market prices play an important role in the profitability of this project. 
With increased interest in renewable fuel sources, ethanol production has increased, which has 
resulted in its increased availability and relatively stable prices. The opposite effect is being seen 
with butadiene, with decreases in production resulting in an increase in butadiene prices. These 
two market trends are encouraging and boost the profitability of this plant.  
Based on our investigation of the plant design, we have devised two key 
recommendations as to what should be studied further should this design be pursued. First, a 
more thorough understanding of the kinetics of the second reaction is essential. The second 
reactor design for this project was based on parameters from papers in the late 1940s, but there 
have been little to no commercial use of the acetaldehyde-ethanol process as a means of 
producing butadiene since then. Further laboratory testing and data on the reaction kinetics of the 
second reaction would allow us to perform a temperature-pressure-conversion optimization 
similar to what we did for the first reaction.  
Secondly, a large amount of acetaldehyde, over 40%, is lost in this process. Better 
separation technologies should be investigated to reduce this loss. With more acetaldehyde 
recovered, less ethanol would have to be initially dehydrogenated. Another suggestion for the 
recovery of reusable intermediate is to recycle back more of the effluent streams, increasing the 
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capacity of the reactor, and installing a purge stream to prevent build up of waste products. An 
economic analysis would have to be completed to determine if the increased recovery of 
acetaldehyde is worth the required separation units and modifications to the reactors.  
 Keeping these recommendations in mind, construction of a plant to produce 200,000 
tonnes per year of butadiene is strongly recommended. The important factors of consideration in 
this decision are the 40% internal rate of return combined with the encouraging market trends of 
both butadiene and ethanol.  
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APPENDIX A: DISTILLATION TOWER OPTIMIZATION 
Each of the columns was optimized to find the best combination of number of stages to 
molar reflux ratio.  To do so, a reflux ratio was set and then a design specification was used in 
ASPEN to find the minimum number of stages needed to achieve the desired separation.  The 
reflux ratio was changed, and the process was repeated.  Three combinations were found that 
achieved the desired separation.  The points were plotted in Excel and a 45° line was plotted 
against the line of best fit.  The point of intersection determined the optimal operating conditions.  
Note, that this procedure was done assuming 100% tray efficiency.  Therefore, the final tray 
efficiency was calculated later, which resulted in a new tray number.  It was assumed that the 
optimal reflux ratio remained the same once the efficiency was changed. 
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RADFRAC was used to model the distillations towers in ASPEN.  Initially, each tray was 
assumed to operate at 100% efficiency.  After optimal conditions were specified for each tray, 
the following table (with numbers for D-401) was used to estimate a more realistic value of 
efficiency for each tray.  Values for viscosity, temperature, K1, and K2 where found using 
ASPEN.  Stage efficiency was calculated using the following equation: 
(A.1) Stage Efficiency= 0.492[(Relative Volatility)(Viscosity)]−.245    
Tray # 
(at 100% 
Efficiency) 
Viscosity 
of Liquid 
(cP) 
Temperature 
(°F) 
K1 Value 
(Butadiene) 
K2 Value 
(Ethanol) 
Relative 
Volatility 
Stage 
Efficiency 
1 (Condenser) N/A N/A N/A N/A N/A N/A 
2 0.103 144 0.99 0.03 28.59 37.7% 
3 0.105 147 1.02 0.03 29.38 37.4% 
4 0.106 150 1.05 0.04 28.76 37.4% 
5 0.108 154 1.11 0.04 26.81 37.9% 
6 0.110 160 1.18 0.05 23.46 39.0% 
7 0.112 168 1.26 0.07 19.20 40.8% 
8 0.122 178 1.40 0.09 15.74 42.0% 
9 0.177 202 2.53 0.17 14.83 38.8% 
10 0.177 207 2.57 0.19 13.59 39.7% 
11 0.178 211 2.59 0.20 12.69 40.3% 
12 0.178 214 2.59 0.22 12.04 40.8% 
13 0.180 216 2.61 0.23 11.54 41.2% 
14 0.182 219 2.69 0.24 11.04 41.5% 
15 0.186 225 2.96 0.29 10.25 42.0% 
16 0.190 240 3.63 0.41 8.83 43.4% 
17 0.188 261 4.78 0.65 7.39 45.4% 
18 (Reboiler) N/A N/A N/A N/A N/A N/A 
Average 40.3% 
 The average tray efficiency was then plugged into ASPEN, and the number of trays was 
increased until the desired separation was again achieved.   The following tray efficiencies and 
tray numbers were calculated using the above table and equations for each distillation column. 
Distillation Tower Average Tray Efficiency Number of Trays (100% Efficiency) 
Number of Trays 
(Actual Efficiency) 
D-401 40.3 % 16 37 
D-402 62.8% 38 64 
D-403 60.0% 22 33 
D-404 36.5% 8 22 
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APPENDIX B: MATLAB CODE FOR R-101 OPTIMIZATION 
Below is the MATLAB file used to find the optimal operating conditions at which to run reactor 
one.  The length of the reactor was preset at 20 feet, which corresponds to 6 meters. 
 
M-FILE 
 
function dedz = SDReact1(z,e) 
  
pB=67; %kg/m^3 
S=0.018; %m^2 
nA=1450000/2063; %mols/hr 
T=273+313; %K 
k=exp(17.900-5810.5/T); 
P=2.2; %atm 
v=1/0.95; 
Ke=exp(11.82-6189.1/T); 
Ka=exp(-1.175+1166.6/T); 
Krs=exp(1.057+690.2/T); 
  
dedz = ((pB*S)/nA)*k*(((1-e)*P)/(v+e)-((e*P)^2/(v+e)^2)*(1/Ke))/(1+Ka*((1-
e)*P)/(v+e)+Krs*(e*P)/(v+e))^2; 
 
MATLAB CODE 
>> [z,e] = ode45(@SDReact1, [0 100], 0) 
>> plot(z,e) 
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APPENDIX C: SAMPLE CALCULATIONS 
 
Ethanol Feed Rate Calculation (S1) 
The conversion and selectivity of the first reactor was set at 50% and 92%, respectively.  The 
conversion and selectivity of the second reactor was set at 44.5% and 55%, respectively.  Also 
based on the ASPEN simulation, the combined recovery of ethanol and acetaldehyde was 
calculated to be 64%.  In the problem statement, it was given that the annual desired production 
level of butadiene was 200,000 tonnes. 
nbutadiene = (mbutadiene)(MW)= 
200,000 metric tonnes
year
1000 kg
metric tonne
1 kmol
54 kg
year
7920 hrs
 = 467 kmol/hr 
nethanol = 
nbutadiene
(Y1)(Y2)(R)
 =  
467kghr
(0.92)(.55)(.634)
 = 1,454 kmol/hr 
methanol = (methanol)(MW) = 
1,454 kmol
hr
46 kg
kmol
lb
0.454 kg
 = 155,000 lb/hr 
 
Sample Heat Exchanger Size Calculation (E-101) 
For all of the heat exchangers, a heat transfer coefficient was assumed based on Table 18.5 of 
Product and Process Design Principles.   For E-101, the heat transfer coefficient was estimated to 
be 50 BTU/ft2-hr-F because it exchanges heat between vapor and liquid streams.  From ASPEN 
PLUS, the following values were calculated:  
Th,in = 595 °F 
Th,out = 152 °F 
Tc,in = 80 °F 
Tc,out = 226 °F 
 
ΔT(lm) =ΔT1−ΔT2
ln (ΔT1ΔT2)
  = 182 °F 
A = Q
UΔT(lm)
 = 42 MMBTU/hr
�50 BTUft2−hr−F�(182 F)
 = 4,600 ft2 
 
Sample Heat Exchanger Price Calculation (E-101) 
E-101 is a fixed-head heat exchanger with a surface area of 4,600 ft2 and a pressure of 45 psi.  It 
is also carbon steel/stainless steel since H2 is present. 
Cp= FpFMFLCB 
CB=exp[11.0545-0.9228(lnA)+.09861(lnA)2]  
CB=exp[11.2927-0.9228(ln4600)+.09861(ln4600)2] = $29,400 
FM = a + (A/100)b = 1.75 + (4600/100)0.13 = 3.39 
FL = 1.00 (20 feet) 
Fp=0.9803-0.0018(
P
100
) + 0.0017( P
100
)2 
Fp=0.9803-0.0018(
30
100
) + 0.0017( 30
100
)2  = 1.0 
Cp= (1)(1)(3.39)( $29,400) = $99,700 
Cp, 2012 = Cp( 
I
Ib
) = $99,700 ( 680
500
) = $136,000 
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Sample Fired Heater Price Calculation (FH-501) 
For FH-501, the heat duty is 80 MMBTU/lb and the pressure is 87 psi. 
Cb= exp[0.32325 +0.766[ln(Q)] 
Cb= exp[0.32325 +0.766[ln(80)(106)] =$1,560,000 
Cp=FbFmCb 
Fm =1 (Carbon Steel) 
Fp=0.986-0.0035(
P
500
) + 0.0175( P
500
)2 
Fp=0.986-0.0035(
87
500
) + 0.0175( 87
500
)2  = 0.98 
Cp=FbFmCb = (1)(0.98)($1,560,000) = $1,530,000 
Cp, 2012 = Cp( 
I
Ib
) = $1,530,000 ( 680
500
) = $2,080,000 
 
Sample Fired Heater Utility Calculation (FH-501) 
FH-501 uses natural gas to vaporize the Dowtherm A.  It has a heat duty of 80 MMBTU/hr.  
Natural gas has a heating value of 1,050 BTU/SCF.  The price of natural gas is $3.20/1,000 SCF 
in 2006 prices. 
Qevolved = Q/e  = 80 MMBTU/hr/ 0.8 = 100 MMBTU/hr 
Vnatural gas = 
Qevolved
HV
 = 100 MMBTU/hr
1050 BTU/SCF
   =  96,000 SCF/hr 
P2012 = P2006 ( 
I
Ib
) = $3.20/1,000 SCF ( 680
500
) = $4.35/1,000 SCF 
Cnatural gas = (Vnatural gas)(Pnatural gas) = (96,000 SCF/hr)( $4.35/1,000 SCF) = $419/hr 
 
Sample Storage Tank Size Calculation (ST-501) 
ST-501, the flow rate is 33,400 ft3/hr, and the holding time is 6 minutes, when it is 60% full.  
V = (F)(t)/(0.60)  
V = �33,400 ft3
hr
� (0.10 hr )/0.60 = 5,600 ft3 = 41,600 gallons 
 
Sample Storage Tank Price Calculation (ST-501) 
For ST-501, a spherical pressurized storage tank, the volume was estimated to be 41,600 gallons. 
Cp = (60)V 0.72 = (60)(41,600)0.72 = $127,000 
Cp, 2012 = Cp( 
I
Ib
) = $188,000 ( 680
500
) = $177,000 
 
Dowtherm A Mass and Price Calculation 
Dowtherm A is continuously recycled through the process, at a flow rate of 1,580,000 lb/hr.  It 
was assumed that the capacity of the Dowtherm holding tank was 60%. 
MDowtherm =Vtank(.6)(ρDowtherm) = (5,600 ft3)(.6)(47.4 lb/ ft3) = 158,000 lb 
PDowtherm= (MDowtherm)(PDowtherm) = (158,000 lb)($7.13) = $1,127,000 
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Sample Reactor Sizing Calculations (R-301) 
The following nine calculations serve as a supplement to the methodology outlined in the 
‘Reactor Design’ section of the paper. A lot of the reasoning behind these calculations can be 
found with reference to the afore-mentioned section. The calculations are broken down into 
several steps which correspond with the ‘Reactor Design’ subsections for easy reading.  
 
1) Flowrate Calculation  
These calculations follow the methodology outlined in the ‘Flowrate Calculations’ subsection of 
the ‘Reactor Design’ section of the paper.  
The first step in sizing the reactor was determining the volumetric flowrate (v) of the reactants 
from their corresponding molar flowrates (n). This process is shown below for Ethanol: 
vethanol =
nethanol ∗ MW
ρethanol
 
This expression can be expanded and written as: 
vethanol =
nethanol∗MW
Paverage∗MW
Treactor∗R 
= nethanolPavg
Treactor∗R 
= 1,926 kmol/hr(5.65 atm)
(350+273.15)K∗82.06  L atmkmol K 
= 17,432,080,717 cm
3
hr
  
The volumetric flowrates for acetaldehyde, water, and ethyl acetate were 4,866,583,206 cm3/hr, 
6,321,405,432 cm3/hr, and 114,465,533 cm3/hr respectively. The total volumetric flowrate in 
imperial units was 1,014,751ft3/hr. 
 
2) Tube Internal Volume Calculation  
The internal volume of the cylindrical tubes can be calculated using the equation: 
V = π ∗ (Tuber Inner Radius)2 ∗ Ltube = π ∗ (0.7 in)2 ∗ (16 ft) = 296 in3 
 
3) Number of Tubes Calculation  
Volumetric Flowrate through one tube= Volumetric Flowrate 
Contact Time
= 296 in
3
5 s
= 59.2 in
3
s
  
Number of tubes = Total volumetric flowrate 
Volumetric flowrate through one tube
=
1,014,751 ft
3
hr
59.2in
3
s
= 8,240 tubes 
 
4) Tube Superficial Velocity Calculation  
Cross-sectional area of a tube = π ∗  (Tube Inner Radius)2 = 1.54 in2 
Superficial Velocity through a tube = 
59.2in
3
s
1.54 in2
= 3.2 ft
s
 
 
5) Volume of Catalyst Calculation  
Volume of Catalyst = Number of Tubes * Volume of one Tube = 8,240 * 296 in3 = 1,409 ft3 
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6) Tube-side Pressure Drop Calculation  
ΔP = 150∗µfluid∗(1−ε)
2∗Ltube
Φs2∗Dp2∗ε3
Vsuperficial +
1.75∗ρfluid∗(1−ε)∗Ltube
Φs2∗Dp∗ε3
Vsuperficial2  
The superficial velocity was calculated above. Values for the catalyst pellet void fraction, 
sphericity, and diameter are discussed in the ‘Tube-side Pressure’ subsection of the ‘Reactor 
Design’ section. Their values have simply been substituted into the Ergun equation below. 
To calculate the density of the fluid, the expression: 1
ρ
= ∑ yi
ρi
 was used, which holds in the case 
of an ideal mixture, an acceptable assumption given the temperature and pressure the system was 
operating at. The viscosity of the fluid was calculated using the expression: µ = ∑  µi ∗ yi, which 
again holds in the case of an ideal mixture. Using these two expressions it was found that: 
ρfluid = 0.004389003
g
cm3 
  
µfluid = 0.0000224
kg
m s
 
ΔP =
150∗0.0000224 kgm s∗(1−0.38)
2∗16ft
12∗0.3175cm2∗0.383
∗ 3.2ft
s
+
1.75∗0.004389003 g
cm3 
∗(1−0.38)∗16ft
12∗0.3175cm∗0.383
�3.2ft
s
�
2
= 20 psi  
 
It is worth re-iterating what was mentioned in the ‘Reactor Design’ section of the paper: while 
the Sample Reactor calculations presented above are shown in a linear manner, the process of 
obtaining these values was iterative. The iterative process was as follows: 
i) An average reactor pressure was chosen 
ii) Calculations 1) through 6) were performed and a pressure drop was obtained 
iii) If the pressure drop calculated was less than 20 psi, the process was repeated, using 
the pressure drop just calculated to gauge a new guess for the average reactor 
pressure. 
The values in the sample calculations shown above are for the final iteration, where a pressure 
drop of 20 psi was obtained.  
 
7) Shell Sizing Calculation 
The formula used to size the reactor shell diameter was: 
Shell Diameter =  �Number of Tubes ∗ (Square Pitch)2 ∗ 4
π
+ 2 ∗ Tube Outer Diamer + 1  
Shell Diameter =  �8,240 ∗ (1.875)2 ∗ 4
π
+ 2 ∗ 1.5 + 1 = 195 in  
Since the maximum recommended shell diameter was 120 inches, we divided the reactor into 
three smaller reactors, each with a third of the number of tubes: 
Shell Diameter =  �8,240
3
∗ (1.875)2 ∗ 4
π
+ 2 ∗ 1.5 + 1 = 115 in  
 
8) Surface Area Heat Transfer Calculation 
The surface area available for heat transfer can be determined as follows: 
Surface area for heat transfer = Number of tubes ∗ Ltube ∗  Tube Outer Diameter ∗ π 
Surface area for heat transfer = 8,240 ∗ 16 ft ∗  1.5 in ∗ π = 51,773 ft2  
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9) Heat Transfer Coefficient Calculation  
U =  Q
A∆T
=
13,566,389BTUhr
51,773 ft2∗(666˚F−662˚F)
= 65.5 BTU
˚F  ft2 hr
   
 
Sample Reaction Vessel Price Calculation (R-101) 
The reactor is estimated as a fixed head, shell-and-tube heat exchanger, comprised of four shells 
each with a surface area of 17,300 ft2 and a shell side pressure of 80 psig.  The material is 
stainless steel/carbon steel because H2 is being produced, and the length is 16 feet. 
CB=exp[11.2927-0.9228(lnA) + 0.09861(lnA)2]  
CB=exp[11.2927-0.9228(ln17300) + 0.09861(ln17300)2] = $117,900 
Cp= FpFMFLCB 
FM = a + (A/100)b = 1.75 + (4600/100)0.13 = 3.39 
FL = 1.05 (16 feet) 
Fp=0.9803-0.0018(
P
100
) + 0.0017( P
100
)2 
Fp=0.9803-0.0018(
80
100
) + 0.0017( 80
100
)2  = 1.0 
Cp= (1)(3.39)(1.05)( $117,600) = $420,000 
Cp, 2012 = Cp( 
I
Ib
) = $511,000 ( 680
500
) = $572,000 
Since four shells are needed per unit: 
Cp=(4)($572,000) =$2,287,000 
 
Sample Catalyst Price Calculation (R-101) 
For the first reactor, the composition of the copper/chromite catalyst was assumed to be 60% 
copper and 40% chromium.  The volume of catalyst need was calculated to be 49,950,000 cm3.  
The price of copper was estimated to be $3.75/lb and the price of chromium was $1.65/lb. 
mcatalyst = �Vcatalyst�[�ρcuxcu� + (ρcrxcr)] = 49,950,000 cm
3[(. 6) �8.94 g
cm3
�+  (.4)(7.19 g
cm3
)] 
= 411,600,000 g = 907,000 lb 
Pcatalyst = �mcatalyst�[(Pcuxcu) + (Pcrxcr)] = 907,000 lb [(. 6) �
$3.75
lb
�+  (.4)($1.65
lb
)] 
= $2,640,000 
Each unit consists of an additional shell for continuous operation during regeneration: 
Pcatalyst = 4/3($2,640,00) =$3,520,00 
 
The catalyst price for R-301 was calculated similarly and was found to be $1,275,000. 
 
Sample Catalyst Regeneration Oxygen Requirement (R-101) 
It is assumed that both catalysts need to be regenerated every 5 days by flowing oxygen for six 
hours.  It is assumed that the heat generated comes from the heat of reaction between the carbon 
deposit and the oxygen gas.  The carbon deposit is assumed to be 3% of the total mass catalyst.  
 
ncarbon = .03(Mcatalyst)/(MWcarbon) = .03(411,600 kg )/(12 kg/kmol) = 1029 kmol 
C + O2    CO2 
nO2 = ncarbon = 1029 kmol 
MO2 = (1029 kmol)(32 kg/kmol) = 33,000 kg = 73,000 lb 
Since each reactor contains an additional fourth shell: 
MO2 = (4/3)(73,000 lb) = 97,000 lb/five-days 
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Sample Catalyst Regeneration Nitrogen Requirement (R-101) 
Using ASPEN, it was determined that 88% of the inlet stream to both reactors must be nitrogen 
in order to maintain the adiabatic temperature of 350˚C. 
 
N2 = (97,000 lb/five days)(.88)/(.12) = 710,000 lb/five days = 9,795,000 SCF/five-days 
 
API Storage Tank Nitrogen Calculation (ST-101) 
We are storing our feed at 80 ˚F and atmospheric pressure.  In order to keep the ethanol in liquid 
form we are flowing nitrogen gas into the tank.   In order to calculate flow rate, we are assuming 
a constant flow of 5 SCH/hr plus the amount of nitrogen it tanks to completely fill the tank every 
seven days, which is the holding time of the tank.  The volume of the tank is 4,400,000 gallons. 
 
Vn2 = 5 SCF/hr + (365 days/7days)(4,400,000 gallons)(9.11 SCH/gal)/7920 hrs  
      = 286,000 SCF/hr = 28,632,000 SCH/five-days
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APPENDIX D: UNIT SPECIFICATION SHEETS 
 
 
COMPRESSOR 
IDENTIFICATION: C-401 
FUNCTION: To increase the pressure of stream S30 from 58 psi to 133 psi 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Driver Type: Motor 
  Material: Stainless Steel 
 
  
Pressure In: 58 psi 
 
  
Pressure Out: 133 psi 
 
  
Temperature In: 200 °F 
  Temperature Out: 282 °F 
  Flow Rate: 100,000 lb/hr 
 
  
Efficiency: 72% 
 
  
Driver Power: 1238 HP 
  Capacity: 250,000 ft3/hr 
 
  
UTILITIES: Electricity (923 kW) 
PURCHASE COST: $1,030,000 
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DISTILLATION COLUMN 
IDENTIFICATION: D-401 
FUNCTION: To separate the butadiene and light components from ethanol in S32 and S37 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)              Feed Distillate Bottoms 
Acetaldehyde 117,903 11 117,892 
Acetic Acid 17,432 731 16,702 
Butadiene 13 13 0 
Butanol 4 4 0 
Butene 1 1 0 
Carbon Dioxide 23 23 0 
Carbon Monoxide 2,689 0 2,689 
Diethyl Ether 12,776 170 12,606 
Ethanol 2,673 1 2,672 
Ethyl Acetate 66,009 1,412 64,597 
Ethylene 2,199 2,197 2 
Hexadiene 5,206 0 5,206 
Hydrogen 2,214 0 2,214 
Methane 2,317 45 2,272 
Water 56,171 55,631 540 
Total 287,631 60,240 227,391 
DESIGN DATA: 
 
    
Number of Stages: 18 Tray Type:  Sieve 
Overhead Pressure: 125 psi Op. Temp:  280°F 
Height: 86 feet Stage Pressure 
 Diameter: 12 feet Drop:  0.1 psi 
Material: Carbon Steel 
 
  
Tray Efficiency: 40% 
 
  
Tray Spacing: 2 ft 
 
  
Number of Trays: 37 
 
  
Feed Stage: 12 
 
  
Molar Reflux Ratio: 6 
 
  
PURCHASE COST: $467,000 
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DISTILLATION COLUMN 
IDENTIFICATION: D-402 
FUNCTION: To separate the butadiene from ethylene is S39 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)            Feed Distillate Bottoms 
Acetaldehyde 727 0 727 
Acetic Acid 0 0 0 
Butadiene 54,931 442 54,489 
Butanol 0 0 0 
Butene 44 0 44 
Carbon Dioxide 6 6 0 
Carbon Monoxide 0 0 0 
Diethyl Ether 170 0 170 
Ethanol 11 0 11 
Ethyl Acetate 1 0 1 
Ethylene 2,098 1,867 231 
Hexadiene 0 0 0 
Hydrogen 0 0 0 
Methane 0 0 0 
Water 1,404 0 1,403 
Total 59,392 2,315 57,078 
DESIGN DATA:       
Number of Stages: 40 Tray Type:  Sieve 
 Op. Pressure: 100 psi Op. Temp: 134°F 
Height: 140 feet Stage Pressure 
 Diameter: 3.5 feet Drop:  0.1 psi 
Material: Carbon Steel 
 
  
Tray Efficiency: 63% 
 
  
Tray Spacing: 2 ft 
 
  
Number of Trays: 64 
 
  
Feed Stage: 31 
 
  
Molar Reflux Ratio: 4.8 
 
  
PURCHASE COST: $341,000 
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DISTILLATION COLUMN 
IDENTIFICATION: D-403 
FUNCTION: To separate the water from the ethanol in S45 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)              Feed Distillate Bottoms 
Acetaldehyde 16,702 16,702 0 
Acetic Acid 2,689 1 2,689 
Butadiene 540 540 0 
Butanol 2,214 6 2,208 
Butene 2,272 2,272 0 
Carbon Dioxide 0 0 0 
Carbon Monoxide 0 0 0 
Diethyl Ether 12,606 12,606 0 
Ethanol 117,892 115,300 2,591 
Ethyl Acetate 2,672 2,672 0 
Ethylene 2 2 0 
Hexadiene 5,206 144 5,062 
Hydrogen 0 0 0 
Methane 0 0 0 
Water 64,597 13,032 51,565 
Total 227,391 163,277 64,114 
DESIGN DATA: 
  
  
Number of Stages: 24 Tray Type:  Sieve 
Overheard Pressure: 40 psi Op. Temp: 256°F 
Height: 78 feet Stage Pressure 
 Diameter: 14.5 feet Drop:  0.1 psi 
Material: Carbon Steel 
 
  
Tray Efficiency: 60% 
 
  
Tray Spacing: 2 ft 
 
  
Number of Trays: 33 
 
  
Feed Stage: 17 
 
  
Molar Reflux Ratio: 2 
 
  
PURCHASE COST: $445,000 
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DISTILLATION COLUMN 
IDENTIFICATION: D-404 
FUNCTION: To separate out butene and diethyl ether from recyclables in S46 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)              Feed Distillate Bottoms 
Acetaldehyde 16,702 6,394 10,308 
Acetic Acid 1 0 1 
Butadiene 540 492 48 
Butanol 6 0 6 
Butene 2,272 1,581 691 
Carbon Dioxide 0 0 0 
Carbon Monoxide 0 0 0 
Diethyl Ether 12,606 10,230 2,376 
Ethanol 115,300 15 115,286 
Ethyl Acetate 2,672 1 2,671 
Ethylene 2 2 0 
Hexadiene 144 0 144 
Hydrogen 0 0 0 
Methane 0 0 0 
Water 13,032 58 12,974 
Total 163,277 18,774 144,503 
DESIGN DATA: 
  
  
Number of Stages: 10 Tray Type:  Sieve 
Overhead Pressure: 18 psi Op. Temp:  169°F 
Height: 56 feet Stage Pressure 
 Diameter: 6.5 feet Drop:  0.1 psi 
Material: Carbon Steel 
 
  
Tray Efficiency: 37% 
 
  
Tray Spacing: 2 ft 
 
  
Number of Trays: 22 
 
  
Feed Stage: 12 
 
  
Molar Reflux Ratio: 3.8 
 
  
PURCHASE COST: $144,000 
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DISTILLATION COLUMN 
IDENTIFICATION: D-405 
FUNCTION: To separate out butene and diethyl ether from recyclables in S51 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)              Feed Distillate Bottoms 
Acetaldehyde 7 7 0 
Acetic Acid 2,689 0 2,689 
Butadiene 20 20 0 
Butanol 2,208 2,208 0 
Butene 3 3 0 
Carbon Dioxide 0 0 0 
Carbon Monoxide 0 0 0 
Diethyl Ether 0 0 0 
Ethanol 2,591 2,591 0 
Ethyl Acetate 0 0 0 
Ethylene 15 15 0 
Hexadiene 5,062 4,048 1,013 
Hydrogen 0 0 0 
Methane 0 0 0 
Water 52,870 3,107 49,763 
Total 65,465 12,000 53,465 
DESIGN DATA: 
  
  
Number of Stages: 40 Tray Type: Sieve 
Overheard Pressure: 18 psi Op. Temp: 238°F 
Height: 198 feet Stage Pressure 
 Diameter: 11.5 feet Drop:  0.1 psi 
Material: Carbon Steel 
 
  
Tray Efficiency: 60% 
 
  
Tray Spacing: 2 feet 
 
  
Number of Trays: 64 
 
  
Feed Stage: 33 
 
  
Molar Reflux Ratio: 16 
 
  
PURCHASE COST: $877,000 
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DECANTER 
IDENTIFICATION: DC-401 
FUNCTION: Separate the remaining water from the product stream, S41 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr) Feed Out1 Out2 
Acetaldehyde 727 720 0 
Acetic Acid 0 0 7 
Butadiene 54,489 54,470 0 
Butanol 0 0 0 
Butene 44 41 0 
Carbon Dioxide 0 0 0 
Carbon Monoxide 0 0 0 
Diethyl Ether 170 170 0 
Ethanol 11 11 0 
Ethyl Acetate 1 1 1,306 
Ethylene 231 216 15 
Hexadiene 0 0 0 
Hydrogen 0 0 0 
Methane 0 0 3 
Water 1,403 98 20 
Total 57,078 55,726 1,351 
DESIGN DATA:       
Material: Carbon Steel 
 
  
Diameter: 5 ft 
 
  
Length: 15.5 ft 
 
  
Capacity: 2,277 gallons 
 
  
Residence Time: 5 min 
 
  
Temperature: 139 °F 
 
  
Pressure: 107 psi 
 
  
PURCHASE COST: $24,000 
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HEAT EXCHANGER 
IDENTIFICATION: E-101 
FUNCTION: Preheat feed stream, S2, prior to reaction while cooling product stream, S7  
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr) Hot Side Cold Side   
Acetaldehyde 64,970 0   
Acetic Acid 535 0   
Butadiene 0 0   
Butanol 0 0   
Butene 0 0   
Carbon Dioxide 286 0   
Carbon Monoxide 182 0   
Diethyl Ether 786 0   
Ethanol 76,616 147,703   
Ethyl Acetate 1,107 0   
Ethylene 0 0   
Hexadiene 0 0   
Hydrogen 3,099 0   
Methane 208 0   
Water 7,687 7,774   
Total 155,477 155,477   
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Stainless/Carbon Steel 
 
  
Heat Transfer Area: 4,600 ft2 
 
  
Length: 20 ft 
  U: 50 BTU/ft2-hr-°F 
  Heat Duty: 42 MMBTU/hr 
 
  
Pressure Drop: 7 psi 
 
  
  
  
  
  Hot Side Cold Side   
Tin: 595 °F 80 °F   
Tout: 152 °F 226 °F   
PURCHASE COST:  $136,000 
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HEAT EXCHANGER 
IDENTIFICATION: E-102 
FUNCTION:  Preheat feed stream, S4 and S5, prior to reaction with vapor Dowtherm, S64 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)   
 
  
Acetaldehyde 0 
 
  
Acetic Acid 0 
 
  
Butadiene 0 
 
  
Butanol 0 
 
  
Butene 0 
 
  
Carbon Dioxide 0 
 
  
Carbon Monoxide 0 
 
  
Diethyl Ether 0 
 
  
Ethanol 147,703 
 
  
Ethyl Acetate 0 
 
  
Ethylene 0 
 
  
Hexadiene 0 
 
  
Hydrogen 0 
 
  
Methane 0 
 
  
Water 7,774 
 
  
Total 155,477     
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Carbon Steel 
 
  
Heat Transfer Area: 28,800 ft2 
 
  
Length:  20 ft 
  U: 20 BTU/ft2-hr-°F 
  Heat Duty: 60 MMBTU/hr 
 
  
Pressure Drop: 7 psi 
 
  
  Hot Side Cold Side   
Tin: 606 °F 226 °F   
Tout: 606 °F 595 °F   
UTILITIES: Dowtherm (532,000 lb/hr) 
PURCHASE COST: $216,000 
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HEAT EXCHANGER 
IDENTIFICATION: E-301 
FUNCTION: Preheat feed stream prior, S23, to reaction while cooling product stream, S26  
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr) Hot Side Cold Side   
Acetaldehyde   17,432 67,971   
Acetic Acid 2,689 534   
Butadiene 56,171 46   
Butanol 2,214 6   
Butene 2,317 683   
Carbon Dioxide 23 23   
Carbon Monoxide 1 1   
Diethyl Ether 12,776 2,860   
Ethanol 117,903 191,092   
Ethyl Acetate 2,673 3,720   
Ethylene 2,199 0   
Hexadiene 5,206 144   
Hydrogen 13 13   
Methane 4 4   
Water 66,009 20,533   
    
 
  
Total 287,631 287,630   
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Carbon Steel 
 
  
Heat Transfer Area: 5,300 ft2 
 
  
Length: 20 ft 
  U: 50 BTU/ft2-hr-°F 
  Heat Duty: 130 MMBTU/hr 
 
  
Pressure Drop: 7 psi 
 
  
  Hot Side Cold Side   
Tin: 662 °F 150 °F   
Tout: 231 °F 296 °F   
PURCHASE COST: $44,300 
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HEAT EXCHANGER 
IDENTIFICATION: E-302 
FUNCTION:  To heat reactor feed, S24, to 662 °F with vapor Dowtherm, S59 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)   
 
  
Acetaldehyde 67,971 
 
  
Acetic Acid 534 
 
  
Butadiene 46 
 
  
Butanol 6 
 
  
Butene 683 
 
  
Carbon Dioxide 23 
 
  
Carbon Monoxide 1 
 
  
Diethyl Ether 2,860 
 
  
Ethanol 191,092 
 
  
Ethyl Acetate 3,720 
 
  
Ethylene 0 
 
  
Hexadiene 144 
 
  
Hydrogen 13 
 
  
Methane 4 
 
  
Water 20,533 
 
  
Total 287,630 
 
  
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Carbon Steel 
 
  
Heat Transfer Area: 32,200 ft2 
 
  
Length: 20 ft 
  U: 20 BTU/ft2-hr-°F 
  Heat Duty: 52 MMBTU/hr 
 
  
Pressure Drop: 7 psi 
 
  
  Hot Side Cold Side   
Tin:  666 °F 296 °F   
Tout:  666 °F 662 °F   
UTILITIES: Dowtherm (561,000 lb/hr) 
PURCHASE COST: $244,000 
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HEAT EXCHANGER 
IDENTIFICATION: E-401 
FUNCTION:  To cool part of reactor effluent, S28, to 200 °F before it enters D-401 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)   
 
  
Acetaldehyde 14,110 
 
  
Acetic Acid 271 
 
  
Butadiene 52,952 
 
  
Butanol 625 
 
  
Butene 1,580 
 
  
Carbon Dioxide 23 
 
  
Carbon Monoxide 1 
 
  
Diethyl Ether 11,769 
 
  
Ethanol 57,847 
 
  
Ethyl Acetate 1,972 
 
  
Ethylene 1,925 
 
  
Hexadiene 1,212 
 
  
Hydrogen 13 
 
  
Methane 4 
 
  
Water 19,048 
 
  
Total 163,353 
 
  
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Carbon Steel 
 
  
Heat Transfer Area: 2,700 ft2 
 
  
Length: 20 ft 
  U: 100 BTU/ft2-hr-°F 
  Heat Duty: 30 MMBTU/hr 
 
  
Pressure Drop: 7 psi 
 
  
  Hot Side Cold Side   
Tin: 231 °F 90 °F   
Tout: 200 °F 120 °F   
UTILITIES: Cooling Water (1,000,000 lb/hr) 
PURCHASE COST: $27,800 
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HEAT EXCHANGER 
IDENTIFICATION: E-402 
FUNCTION:  To cool part of reactor effluent, S31, to 200 °F before it enters D-401  
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)   
 
  
Acetaldehyde 10,560 
 
  
Acetic Acid 23 
 
  
Butadiene 47,300 
 
  
Butanol 90 
 
  
Butene 1,124 
 
  
Carbon Dioxide 23 
 
  
Carbon Monoxide 1 
 
  
Diethyl Ether 10,228 
 
  
Ethanol 21,552 
 
  
Ethyl Acetate 1,147 
 
  
Ethylene 1,740 
 
  
Hexadiene 270 
 
  
Hydrogen 13 
 
  
Methane 4 
 
  
Water 5,818 
 
  
Total 99,894     
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Carbon Steel 
 
  
Heat Transfer Area: 1,500  ft2 
 
  
Length: 20 ft 
  U: 100 BTU/ft2-hr-°F 
  Heat Duty: 20 MMBTU/hr 
 
  
Pressure Drop: 7 psi 
 
  
  Hot Side Cold Side   
Tin: 282 °F 90 °F   
Tout: 200 °F 120 °F   
UTILITIES: Cooling Water (670,000 lb/hr) 
PURCHASE COST: $16,600 
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HEAT EXCHANGER 
IDENTIFICATION: E-403 
FUNCTION:  To condense the overhead in D-401 
OPERATION: Continuous 
lb/hr       
Overhead Flow Rate 424,000 
 
  
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Carbon Steel 
 
  
Heat Duty: 78 MMBTU/hr 
 
  
Area: 4,900 ft2 
  Pressure Drop: 7 psi 
 
 
Twater in: 90 °F 
 
  
Twater out: 120 °F 
 
  
Tcond: 108 °F 
 
  
UTILITIES: Cooling Water (2,600,000 lb/hr) 
PURCHASE COST: $892,000 
 
HEAT EXCHANGER 
IDENTIFICATION: E-404 
FUNCTION:  To vaporize the boilup of D-401 
OPERATION: Continuous 
lb/hr       
Boilup Flow Rate 242,000 
 
  
DESIGN DATA: 
  
  
Type: Kettle Reboiler 
 
  
Material: Carbon Steel 
 
  
Heat Duty: 83 MMBTU/hr 
 
  
Area:  11,000 ft2 
  Pressure Drop: 7 psi 
 
 
Tvap: 280 °F 
 
  
Tsteam 298 °F 
 
  
UTILITIES: 50 psig steam (83,000 lb/hr) 
PURCHASE COST: $238,000 
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HEAT EXCHANGER 
IDENTIFICATION: E-405 
FUNCTION:  To condense the overhead in D-402 
OPERATION: Continuous 
lb/hr       
Overhead Flow Rate 19,000 
 
  
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Carbon Steel 
 
  
Heat Duty: 3 MMBTU/hr 
 
  
Area: 6,300 ft2 
  Pressure Drop: 7 psi 
 
 
Tref. in: -30 °F 
 
  
Tref.  out: 0 °F 
 
  
Tcond: 17 °F 
 
  
UTILITIES: Refrigerant (567,000 lb/hr) 
PURCHASE COST: $66,000 
 
HEAT EXCHANGER 
IDENTIFICATION: E-406 
FUNCTION:  To vaporize the boilup of D-402 
OPERATION: Continuous 
lb/hr       
Boilup Flow Rate 28,000 
 
  
DESIGN DATA: 
  
  
Type: Kettle Reboiler 
 
  
Material: Carbon Steel 
 
  
Heat Duty: 5 MMBTU/hr 
 
  
Heat Transfer Area:  188 ft2 
  Pressure Drop: 7 psi 
 
 
Tvap: 134°F 
 
  
Tsteam 298°F 
 
  
UTILITIES: 50 psig steam (4,500 lb/hr) 
PURCHASE COST: $13,900 
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HEAT EXCHANGER 
IDENTIFICATION: E-407 
FUNCTION:  To cool the product, S42, to 110 °F before it can be stored 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)   
 
  
Acetaldehyde 720 
 
  
Acetic Acid 0 
 
  
Butadiene 54,470 
 
  
Butanol 0 
 
  
Butene 41 
 
  
Carbon Dioxide 0 
 
  
Carbon Monoxide 0 
 
  
Diethyl Ether 170 
 
  
Ethanol 11 
 
  
Ethyl Acetate 1 
 
  
Ethylene 216 
 
  
Hexadiene 0 
 
  
Hydrogen 0 
 
  
Methane 0 
 
  
Water 98 
 
  
Total 55,726     
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Carbon Steel 
 
  
Heat Transfer Area:  40 ft2 
 
  
Length: 20 ft 
  U: 100 BTU/ft2-hr-°F 
  Heat Duty: 1 MMBTU/hr 
 
 
Pressure Drop: 7 psi 
 
  
  Hot Side Cold Side   
Tin: 139 °F 90 °F   
Tout: 110 °F 120 °F   
UTILITIES: Cooling Water (33,000 lb/hr) 
PURCHASE COST: $11,000 
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HEAT EXCHANGER 
IDENTIFICATION: E-408 
FUNCTION:  To condense the overhead in D-403 
OPERATION: Continuous 
lb/hr       
Overhead Flow Rate 490,000 
 
  
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Carbon Steel 
 
  
Heat Transfer Area: 1,300 ft2 
 
  
Heat Duty: 182 MMBTU/hr 
 
  
Pressure Drop: 7 psi 
 
  
Twater in: 90 °F 
 
  
Twater out: 120 °F 
 
  
TCondense: 193 °F 
 
  
UTILITIES: Cooling Water (6,100,000 lb/hr) 
PURCHASE COST: $207,000 
 
HEAT EXCHANGER 
IDENTIFICATION: E-409 
FUNCTION:  To vaporize the boilup of D-403 
OPERATION: Continuous 
lb/hr       
Boilup Flow Rate 292,000 
 
  
DESIGN DATA: 
  
  
Type: Kettle Reboiler 
 
  
Material: Carbon Steel 
 
  
Heat Duty: 166 MMBTU/hr 
 
  
Heat Transfer Area:  11,400 ft2 
  Pressure Drop: 7 psi 
 
 
Tboil-up: 256 °F 
 
  
Tsteam 298 °F 
 
  
UTILITIES: 50 psig steam (180,000 lb/hr) 
PURCHASE COST: $241,000 
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HEAT EXCHANGER 
IDENTIFICATION: E-410 
FUNCTION:  To condense the overhead in D-404 
OPERATION: Continuous 
lb/hr       
Overhead Flow Rate 95,000 
 
  
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Carbon Steel 
 
  
Heat Duty: 14 MMBTU/hr 
 
  
Heat Transfer Area: 1,300 ft2 
  Pressure Drop: 7 psi 
 
 
Tref. in: -30 °F 
 
  
Tref. out: 0 °F 
 
  
TCondense: 81 °F 
 
  
UTILITIES: Refrigerant (2,384,000 lb/hr) 
PURCHASE COST: $28,100 
 
HEAT EXCHANGER 
IDENTIFICATION: E-411 
FUNCTION:  To vaporize the boilup of D-404 
OPERATION: Continuous 
lb/hr       
Boilup Flow Rate 34,000 
 
  
DESIGN DATA: 
  
  
Type: Kettle Reboiler 
 
  
Material: Carbon Steel 
 
  
Heat Duty: 13 MMBTU/hr 
 
  
Heat Transfer Area:  600 ft2 
  Pressure Drop: 7 psi 
 
 
Tboil-up: 170 °F 
 
  
Tsteam: 298 °F 
 
  
UTILITIES: 50 psig steam (13,000 lb/hr) 
PURCHASE COST: $22,400 
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HEAT EXCHANGER 
IDENTIFICATION: E-412 
FUNCTION:  To condense the overhead in D-405 
OPERATION: Continuous 
lb/hr       
Overhead Flow Rate 
  
  
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Carbon Steel 
 
  
Heat Duty: MMBTU/hr 
 
  
Heat Transfer Area: 3,100 ft2 
  Pressure Drop: 7 psi 
 
 
Twater in: 90 °F 
 
  
Twater out: 120 °F 
 
  
TCondense: 204 °F 
  UTILITIES: Cooling Water (2,800,000 lb/hr) 
PURCHASE COST: $ 62,300 
 
HEAT EXCHANGER 
IDENTIFICATION: E-413 
FUNCTION:  To vaporize the boilup of D-405 
OPERATION: Continuous 
lb/hr       
Boilup Flow Rate 
  
  
DESIGN DATA: 
  
  
Type: Kettle Reboiler 
 
  
Material: Carbon Steel 
 
  
Heat Duty: MMBTU/hr 
 
  
Heat Transfer Area:  5,000 ft2 
  Pressure Drop: 7 psi 
 
 
Tboil-up: 238 °F 
 
  
Tsteam: 298 °F 
 
  
UTILITIES: 50 psig steam (94,000 lb/hr) 
PURCHASE COST: $110,000 
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HEAT EXCHANGER 
IDENTIFICATION: E-414 
FUNCTION:  To cool wastewater, S53, to 110 °F with cooling water before it can be treated 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)   
 
  
Acetaldehyde 0 
 
  
Acetic Acid 2,689 
 
  
Butadiene 0 
 
  
Butanol 0 
 
  
Butene 0 
 
  
Carbon Dioxide 0 
 
  
Carbon Monoxide 0 
 
  
Diethyl Ether 0 
 
  
Ethanol 0 
 
  
Ethyl Acetate 0 
 
  
Ethylene 0 
 
  
Hexadiene 1,013 
 
  
Hydrogen 0 
 
  
Methane 0 
 
  
Water 49,763 
 
  
Total 53,465     
DESIGN DATA: 
  
  
Type: Shell-and-tube 
 
  
Material: Carbon Steel 
 
  
Heat Transfer Area: 1630 ft2  
 
  
Length: 20 ft 
  U: 100 BTU/ft2-hr-°F 
  Heat Duty: 7 MMBTU/hr 
 
  
Pressure Drop: 7 psi 
 
  
  Cold Side Hot Side   
Tin: 90°F 238°F   
Tout: 120°F 110°F   
UTILITIES: Cooling Water (221,000 lb/hr) 
PURCHASE COST: $20,500 
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VERTICAL PRESSURIZED VESSEL 
IDENTIFICATION: F-101 
FUNCTION: To separate liquid and vapor phases in S3 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)            Feed Vapor Liquid 
Acetaldehyde 147,703 65,144 82,559 
Acetic Acid 0 0 0 
Butadiene 0 0 0 
Butanol 0 0 0 
Butene 0 0 0 
Carbon Dioxide 0 0 0 
Carbon Monoxide 0 0 0 
Diethyl Ether 0 0 0 
Ethanol 0 0 0 
Ethyl Acetate 7,774 3,484 4,290 
Ethylene 0 0 0 
Hexadiene 0 0 0 
Hydrogen 0 0 0 
Methane 0 0 0 
Water 0 0 0 
Total       
DESIGN DATA:       
Material: Carbon Steel 
 
  
Pressure: 42 psi 
 
  
Temperature: 226 °F 
 
  
Height: 16 ft 
 
  
Diameter 5.5 ft 
 
  
Volume: 28,00 gallons 
 
  
PURCHASE COST: $23,700 
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VERTICAL PRESSURIZED VESSEL 
IDENTIFICATION: F-201 
FUNCTION: To separate liquid and vapor phases in S8 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)            Feed Vapor Liquid 
Acetaldehyde 147,703 65,144 82,559 
Acetic Acid 76,616 61,774 14,842 
Butadiene 64,970 62,433 2,538 
Butanol 3,099 3,099 0 
Butene 208 208 0 
Carbon Dioxide 182 182 0 
Carbon Monoxide 286 286 0 
Diethyl Ether 535 241 294 
Ethanol 786 776 10 
Ethyl Acetate 1,107 1,010 97 
Ethylene 7,687 6,041 1,646 
Hexadiene 0 0 0 
Hydrogen 0 0 0 
Methane 0 0 0 
Water 0 0 0 
Total 155,476  136,049  19,427  
DESIGN DATA:       
Material: Stainless-Steel 
 
  
Pressure: 22 psi 
 
  
Temperature: 152 °F 
 
  
Height: 12 ft 
 
  
Diameter 9.5 ft 
 
  
Volume: 3,000 gallons 
 
  
PURCHASE COST: $58,800 
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VERTICAL PRESSURIZED VESSEL 
IDENTIFICATION: F-203 
FUNCTION: To separate liquid and vapor phases in S14, S16, and S18 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)            Feed Vapor Liquid 
Acetaldehyde 76,616 946 75,669 
Acetic Acid 64,970 7,157 57,813 
Butadiene 3,099 3,086 13 
Butanol 208 205 4 
Butene 182 180 1 
Carbon Dioxide 286 263 23 
Carbon Monoxide 535 2 533 
Diethyl Ether 786 181 605 
Ethanol 1,107 35 1,072 
Ethyl Acetate 7,687 134 7,554 
Ethylene 0 0 0 
Hexadiene 0 0 0 
Hydrogen 0 0 0 
Methane 0 0 0 
Water 0 0 0 
Total 155,476 12,188 143,288 
DESIGN DATA:       
Material: Stainless-Steel 
 
  
Pressure: 155 psi 
 
  
Temperature: 121°F 
 
  
Height: 6 ft 
 
  
Diameter 18 ft 
 
  
Volume: 4,000 gallons 
 
  
PURCHASE COST: $53,900 
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VERTICAL PRESSURIZED VESSEL 
IDENTIFICATION: F-401 
FUNCTION: To separate liquid and vapor phases in S27 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)            Feed Vapor Liquid 
Acetaldehyde 117,903 57,847 60,056 
Acetic Acid 17,432 14,110 3,322 
Butadiene 13 13 0 
Butanol 4 4 0 
Butene 1 1 0 
Carbon Dioxide 23 23 0 
Carbon Monoxide 2,689 271 2,418 
Diethyl Ether 12,776 11,769 1,007 
Ethanol 2,673 1,972 701 
Ethyl Acetate 66,009 19,048 46,961 
Ethylene 2,199 1,925 274 
Hexadiene 5,206 1,212 3,994 
Hydrogen 2,214 625 1,588 
Methane 2,317 1,580 736 
Water 56,171 52,952 3,219 
Total 287,631 163,353 124,278 
DESIGN DATA:       
Material: Carbon Steel 
 
  
Pressure: 66 psi 
 
  
Temperature: 231 °F 
 
  
Height: 17.5 ft 
 
  
Diameter 6 ft 
 
  
Volume: 4,000 gallons 
 
  
PURCHASE COST: $28,700 
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VERTICAL PRESSURIZED VESSEL 
IDENTIFICATION: F-402 
FUNCTION: To separate liquid and vapor phases in S29 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)            Feed Vapor Liquid 
Acetaldehyde 57,847 21,552 36,295 
Acetic Acid 14,110 10,560 3,550 
Butadiene 13 13 0 
Butanol 4 4 0 
Butene 1 1 0 
Carbon Dioxide 23 23 0 
Carbon Monoxide 271 23 248 
Diethyl Ether 11,769 10,228 1,541 
Ethanol 1,972 1,147 825 
Ethyl Acetate 19,048 5,818 13,230 
Ethylene 1,925 1,740 184 
Hexadiene 1,212 270 943 
Hydrogen 625 90 535 
Methane 1,580 1,124 456 
Water 52,952 47,300 5,652 
Total 163,353 99,894 63,459 
DESIGN DATA:       
Material: Carbon Steel 
 
  
Pressure: 58 psi 
 
  
Temperature: 200 
 
  
Height: 15 ft 
 
  
Diameter 5 ft 
 
  
Volume: 2,000 gallons 
 
  
PURCHASE COST: $22,600 
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FIRED HEATER (DOWTHERM A) 
IDENTIFICATION: FH-501 
FUNCTION:  Vaporize Dowtherm A in S57,  which will provide heating fluid for E-302 and R-301 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)   
 
  
Dowtherm A 640,000     
DESIGN DATA: 
  
  
Material: Carbon Steel 
 
  
Heat Duty: 100 MMBTU/hr 
 
  
Efficiency: 80% 
 
  
Pressure: 92 psi 
  Tin: 625 °F 
 
 
Tout: 666 °F 
 
  
UTILITIES: Natural Gas (96,000 SCF/hr) 
PURCHASE COST: $2,080,000 
 
FIRED HEATER (DOWTHERM A) 
IDENTIFICATION: FH-502 
FUNCTION:  Vaporize Dowtherm A in S61,  which will provide heating fluid for E-102 and R-101 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr)   
 
  
Dowtherm A 940,000     
DESIGN DATA: 
  
  
Material: Carbon Steel 
 
  
Heat Duty: 120 MMBTU/hr 
 
  
Efficiency: 80% 
 
  
Pressure: 92 psi 
  Tin: 625 °F 
 
 
Tout: 631 °F 
 
  
UTILITIES: Natural Gas (113,000 SCF/hr) 
PURCHASE COST: $2,376,000 
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MULTI-STAGE COMPRESSOR 
IDENTIFICATION: MSC-201 
FUNCTION: To compress and cool S9 to 155 psi and 108 °F in order to separate out H2 
OPERATION: Continuous 
MATERIALS HANDLED:         
(Ib/hr)   Into Stage 1 Knockout Into Stage 2 Out of Stage 2 
Acetaldehyde 62,433 44,912 17,521 17,521 
Acetic Acid 241 239 2 2 
Butadiene 0 0 0 0 
Butanol 0 0 0 0 
Butene 0 0 0 0 
Carbon Dioxide 286 6 279 279 
Carbon Monoxide 182 0 182 182 
Diethyl Ether 776 396 380 380 
Ethanol 61,774 5,9729 2,044 2,044 
Ethyl Acetate 1,010 913 97 97 
Ethylene 0 0 0 0 
Hexadiene 0 0 0 0 
Hydrogen 3,099 3 3,096 3,096 
Methane 208 1 207 207 
Water 6,041 5755 287 287 
Total 136,049 111,954 24,095 24,095 
DESIGN DATA:         
 
Compressor Type: 
 
Centrifugal   
 
Condenser Type: 
 
Shell-and-tube   
 
Number of Stages: 
 
2 
 
 
Material 
 
Stainless- Steel   
 
Pressure In: 
 
22 psi   
 
Pressure Out: 
 
155 psi   
 
Tin 
 
152 °F   
 
Tout 
 
108 °F   
 
Comp.  Efficiency: 
 
90%   
UTILITIES: Cooling Water (1,983,000 lb/hr) and Electricity (2,860 kW) 
PURCHASE COST: $4,640,000 
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PRESSURE SWING ADSORPTION UNIT 
IDENTIFICATION: PSA-201 
FUNCTION: Separate out the hydrogen byproduct from S19 with a purity of 99% 
OPERATION: Continuous 
MATERIALS HANDLED:       
(Ib/hr) Feed Out1 Out2 
Acetaldehyde 7,157 0 7,157 
Acetic Acid 2 0 2 
Butadiene 0 0 0 
Butanol 0 0 0 
Butene 0 0 0 
Carbon Dioxide 263 0 263 
Carbon Monoxide 180 0 180 
Diethyl Ether 181 0 181 
Ethanol 946 0 946 
Ethyl Acetate 35 0 35 
Ethylene 0 0 0 
Hexadiene 0 0 0 
Hydrogen 3,086 3,055 31 
Methane 205 0 205 
Water 134 0 134 
Total 12,188 3,055 9,133 
DESIGN DATA:       
Material: Stainless  Steel 
 
  
UTILITIES: $2,000,000/yr 
PURCHASE COST: $4,410,000 
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REACTOR 
IDENTIFICATION: R-101 
FUNCTION: To react ethanol over a copper-chromite catalyst to form acetaldehyde 
OPERATION: Continuous 
MATERIALS HANDLED:     
(Ib/hr) In Out 
Acetaldehyde 0 64,970 
Acetic Acid 0 535 
Butadiene 0 0 
Butanol 0 0 
Butene 0 0 
Carbon Dioxide 0 286 
Carbon Monoxide 0 182 
Diethyl Ether 0 786 
Ethanol 147,703 76,616 
Ethyl Acetate 0 1,107 
Ethylene 0 0 
Hexadiene 0 0 
Hydrogen 0 3,099 
Methane 0 208 
Water 7,773 7,687 
Total 155,476 155,476 
DESIGN DATA: 
  
  
Type: Fixedhead, Shell-and-Tube Tube Diameter: 1.5 in. 
Material: Carbon-steel/Stainless-steel Tube Length: 20 feet 
Catalyst Type: 60% Copper, 40% Chromium Number of Tubes: 2,750 
Catalyst Mass: 907,000 lbs Shell Diameter: 115 in. 
Temperature: 595 °F Number of Shells: 4 
Pressure In: 35 psi Residence Time: 5 s. 
Pressure Out: 30 psi 
 
  
UTILITIES: Dowtherm (408,000 lb/hr) 
PURCHASE COST: $2,287,000 
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REACTOR 
IDENTIFICATION: R-301 
FUNCTION: To react acetaldehyde with excess ethanol to form 1,3-butadiene 
OPERATION: Continuous 
MATERIALS HANDLED:     
(Ib/hr) In Out 
Acetaldehyde 67,971 17,432 
Acetic Acid 534 2,689 
Butadiene 46 56,171 
Butanol 6 2,214 
Butene 683 2,317 
Carbon Dioxide 23 23 
Carbon Monoxide 1 1 
Diethyl Ether 2,860 12,776 
Ethanol 191,092 117,903 
Ethyl Acetate 3,720 2,673 
Ethylene 0 2,199 
Hexadiene 144 5,206 
Hydrogen 13 13 
Methane 4 4 
Water 20,533 66,009 
Total 287,631 287,631 
DESIGN DATA: 
  
  
Type: Fixedhead, Shell-and-Tube Tube Diameter: 1.4 in 
Material: Carbon Steel Tube Length: 16 feet 
Catalyst Type: 2% tantala, 98% silica Number of Tubes: 2,747 
Catalyst Mass: 230,000 lbs Shell Diameter: 115 in 
Temperature: 662 °F Number of Shells: 4 
Pressure In: 93 psi Residence Time: 5 s 
Pressure Out: 73 psi 
 
  
UTILITIES: Dowtherm (79,000 lb/hr) 
PURCHASE COST: $674,000 
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PUMP 
IDENTIFICATION: P-101 
FUNCTION: To pump the feed, S1, from 15 psi to 50 psi 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Carbon Steel 
 
  
Flow Rate: 155,000 lb/hr 
 
  
Pressure In: 15 psi 
 
  
Pressure Out: 50 psi 
 
  
Capacity: 3,100 ft3/hr 
  Efficiency: 69% 
  UTILITIES: Electricity (8.6 kW) 
PURCHASE COST: $7,500 
 
PUMP 
IDENTIFICATION: P-201 
FUNCTION: To pressurize S17 from 22 psi to 155 psi 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Stainless Steel 
 
  
Flow Rate: 19,000 lb/hr 
 
  
Pressure In: 22 psi  
 
  
Pressure Out: 155 psi 
 
  
Capacity: 410 ft3/h 
  Efficiency: 44 % 
  UTILITIES: Electricity (6.6 kW) 
PURCHASE COST: $3,000 
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PUMP 
IDENTIFICATION: P-202 
FUNCTION: To pressurize S15 from 55 psi to 155 psi 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Stainless Steel 
 
  
Flow Rate: 110,000 lb/hr 
 
  
Pressure In: 55 psi 
 
  
Pressure Out: 155 psi 
 
  
Capacity: 2,300 ft3/hr 
  Efficiency: 66 % 
  UTILITIES: Electricity (19.1 kW) 
PURCHASE COST: $16,600 
 
PUMP 
IDENTIFICATION: P-401 
FUNCTION: To pressurize S33 from 58 psi to 125 psi 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Carbon Steel 
 
  
Flow Rate: 63,000 lb/hr 
 
  
Pressure In: 58 psi 
 
  
Pressure Out: 125 psi 
 
  
Capacity: 1,400 ft3/hr 
  Efficiency: 60% 
  UTILITIES: Electricity (12.6 kW) 
PURCHASE COST: $7,500 
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PUMP 
IDENTIFICATION: P-402 
FUNCTION: To pressurize S35 from 66 psi to 125 psi 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Carbon Steel 
 
  
Flow Rate: 120,000 lb/hr 
 
  
Pressure In: 66 psi 
 
  
Pressure Out: 125 psi 
 
  
Capacity: 2,600 ft3/hr 
  Efficiency: 67% 
  UTILITIES: Electricity (8.4 kW) 
PURCHASE COST: $6,200 
 
PUMP 
IDENTIFICATION: P-403 
FUNCTION: To pump the reflux of D-401 back to the top of E-403 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Carbon Steel 
 
  
Flow Rate: 60,000 lb/hr 
 
  
Capacity: 210 ft3/hr  
 
  
Efficiency: 70% 
 
  
UTILITIES: Electricity (3.3 kW) 
PURCHASE COST: $19,000 
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PUMP 
IDENTIFICATION: P-404 
FUNCTION: To pump the reflux of D-402 back to the top of E-405 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Carbon Steel 
 
  
Flow Rate: 17,000 lb/hr 
 
  
Capacity: 40 ft3/hr  
 
  
Efficiency: 70% 
 
  
UTILITIES: Electricity (1.4 kW) 
PURCHASE COST: $4,800 
 
PUMP 
IDENTIFICATION: P-405 
FUNCTION: To pump the reflux of D-403 back to the top of E-408 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Carbon Steel 
 
  
Flow Rate: 330,000 lb/hr 
 
  
Capacity: 1,500 ft3/hr  
 
  
Efficiency: 70% 
 
  
UTILITIES: Electricity (16.3 kW) 
PURCHASE COST: $19,000 
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PUMP 
IDENTIFICATION: P-406 
FUNCTION: To pump the reflux of D-404 back to the top of E-410 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Carbon Steel 
 
  
Flow Rate: 80,000 lb/hr 
 
  
Capacity: 200 ft3/hr  
 
  
Efficiency: 70% 
 
  
UTILITIES: Electricity (2.9 kW) 
PURCHASE COST: $6,400 
 
PUMP 
IDENTIFICATION: P-407 
FUNCTION: To pressurize S49 from 20 psi to 108 psi 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Carbon Steel 
 
  
Flow Rate: 145,000 lb/hr 
 
  
Pressure In: 20 psi 
 
  
Pressure Out: 108 psi 
 
  
Capacity: 3,100 ft3/hr 
  Efficiency: 69% 
  UTILITIES: Electricity (21.4 kW) 
PURCHASE COST: $9,600 
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PUMP 
IDENTIFICATION: P-408 
FUNCTION: To pump the reflux of D-405 back to the top of E-412 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Carbon Steel 
 
  
Flow Rate: 175,000 lb/hr 
 
  
Capacity: 1,00 ft3/hr  
 
  
Efficiency: 70% 
 
  
UTILITIES: Electricity (2.9 kW) 
PURCHASE COST: $9,800 
 
PUMP 
IDENTIFICATION: P-501 
FUNCTION: To pump liquid Dowtherm, S55, from 57 psi to 92 psi 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Carbon Steel 
 
  
Flow Rate: 1,580,000 lb/hr 
 
  
Pressure In: 57 psi 
  Pressure Out: 92 psi 
  Capacity: 33,000 ft3/hr  
 
  
Efficiency: 85% 
 
  
UTILITIES: Electricity (25.9 kW) 
PURCHASE COST: $29,300 
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PUMP 
IDENTIFICATION: P-502 
FUNCTION: To pump liquid Dowtherm, S74, back to storage tank, ST-501, for reuse 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Carbon Steel 
 
  
Flow Rate: 640,000 lb/hr 
 
  
Pressure In: 50 psi 
  Pressure Out: 57 psi 
  Capacity: 14,000 ft3/hr  
 
  
Efficiency: 81% 
 
  
UTILITIES: Electricity (6.7 kW) 
PURCHASE COST: $11,100 
 
PUMP 
IDENTIFICATION: P-503 
FUNCTION: : To pump liquid Dowtherm, S69, back to storage tank, ST-501, for reuse 
OPERATION: Continuous 
DESIGN DATA:       
Type: Centrifugal 
 
  
Material: Carbon Steel 
 
  
Flow Rate: 940,000 lb/hr 
 
  
Pressure In: 86 psi 
  Pressure Out: 94 psi 
  Capacity: 19,000 ft3/hr  
 
  
Efficiency: 83% 
 
  
UTILITIES: Electricity (9.2 kW) 
PURCHASE COST: $12,700 
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REFLUX ACCUMULATOR 
IDENTIFICATION: RA-401 
FUNCTION: To accumulate reflux from D-401 
OPERATION: Continuous 
DESIGN DATA:       
Type: Horizontal Drum 
 
  
Material: Carbon Steel 
 
  
Diameter: 8 ft 
 
  
Length: 25 ft 
 
  
Capacity: 9,400 gal 
 
  
Residence Time: 5 min 
 
  
Temperature: 107  °F 
 
  
Pressure: 135 psi 
 
  
PURCHASE PRICE: $46,000 
 
REFLUX ACCUMULATOR 
IDENTIFICATION: RA-402 
FUNCTION: To accumulate reflux from D-402 
OPERATION: Continuous 
DESIGN DATA:       
Type: Horizontal Drum 
 
  
Material: Carbon Steel 
 
  
Diameter: 3 ft 
 
  
Length: 4.5 ft 
 
  
Capacity: 240 gal 
 
  
Residence Time: 5 min 
 
  
Temperature: 17  °F 
 
  
Pressure: 110 psi 
 
  
PURCHASE PRICE: $10,400 
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REFLUX ACCUMULATOR 
IDENTIFICATION: RA-403 
FUNCTION: To accumulate reflux from D-403 
OPERATION: Continuous 
DESIGN DATA:       
Type: Horizontal Drum 
 
  
Material: Carbon Steel 
 
  
Diameter: 8 ft 
 
  
Length: 25 ft 
 
  
Capacity: 9,400 gal 
 
  
Residence Time: 5 min 
 
  
Temperature: 192  °F 
 
  
Pressure: 25 psi 
 
  
PURCHASE PRICE: $36,300 
 
REFLUX ACCUMULATOR 
IDENTIFICATION: RA-404 
FUNCTION: To accumulate reflux from D-404 
OPERATION: Continuous 
DESIGN DATA:       
Type: Horizontal Drum 
 
  
Material: Carbon Steel 
 
  
Diameter: 4.5 ft 
 
  
Length: 13 ft 
 
  
Capacity: 1,500 gal 
 
  
Residence Time: 5 min 
 
  
Temperature: 81  °F 
 
  
Pressure: 25 psi 
 
  
PURCHASE PRICE: $18,800 
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REFLUX ACCUMULATOR 
IDENTIFICATION: RA-405 
FUNCTION: To accumulate reflux from D-405 
OPERATION: Continuous 
DESIGN DATA:       
Type: Horizontal Drum 
 
  
Material: Carbon Steel 
 
  
Diameter: 5.5 feet 
 
  
Length: 17 feet 
 
  
Capacity: 3021 gallons 
 
  
Residence Time: 5 min 
 
  
Temperature: 204 °F 
 
  
Pressure: 35 psi 
 
  
PURCHASE PRICE: $22,200 
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STORAGE TANK 
IDENTIFICATION: ST-101 
FUNCTION: To hold a seven-day supply of the ethanol feed 
OPERATION: Continuous 
DESIGN DATA:       
Type: Flat Bottom Tank 
 
  
Material: Carbon Steel 
 
  
Diameter: 126 ft 
 
  
Height: 48 ft 
 
  
Capacity: 4,400,000 gal 
 
  
Temperature: 80 °F 
 
  
Pressure: 15 psi 
 
  
UTILITIES: Nitrogen (28,000,000 SCF/5 days) 
PURCHASE PRICE: $1,963,000 
 
STORAGE TANK 
IDENTIFICATION: ST-401 
FUNCTION: To hold a eight-hour supply of the butadiene product for quality control 
OPERATION: Continuous 
DESIGN DATA:       
Type: Vertical Pressurized Tank 
 
  
Material: Carbon Steel 
 
  
Diameter: 14.5 ft 
 
  
Height: 73 ft 
 
  
Capacity: 90,000 gal 
 
  
Temperature: 110 °F 
 
  
Pressure: 88 psi 
 
  
 
PURCHASE PRICE: $435,000 
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STORAGE TANK 
IDENTIFICATION: ST-402 
FUNCTION: To hold a eight-hour supply of the butadiene product for quality control 
OPERATION: Continuous 
DESIGN DATA:       
Type: Vertical Pressurized Tank 
 
  
Material: Carbon Steel 
 
  
Diameter: 14.5 ft 
 
  
Height: 73 ft 
 
  
Capacity: 90,000 gal 
 
  
Temperature: 110 °F 
 
  
Pressure: 88 psi 
 
  
 
PURCHASE COST: $453,000 
 
STORAGE TANK 
IDENTIFICATION: ST-403 
FUNCTION: To hold a three-day supply of the butadiene product 
OPERATION: Continuous 
DESIGN DATA:       
Type: Spherical Pressurized Tank 
 
  
Material: Carbon Steel 
 
  
Capacity: 1,900,000 gal 
 
  
Temperature: 110 °F 
 
  
Pressure: 88 psi 
 
  
 
PURCHASE COST: $1,855,000 
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STORAGE TANK 
IDENTIFICATION: ST-501 
FUNCTION: To store the Dowtherm, S70,  temporarily as a liquid before it is vaporized 
OPERATION: Continuous 
DESIGN DATA:       
Type: Spherical Pressurized Tank 
 
  
Material: Carbon Steel 
 
  
Capacity: 41,600 gal 
 
  
Temperature: 631 °F 
 
  
Pressure: 57 psi 
 
  
PURCHASE COST: $177 ,000 
 
STORAGE TANK 
IDENTIFICATION: ST-502 
FUNCTION: To hold the condensed Dowtherm temporarily from S68 
OPERATION: Continuous 
DESIGN DATA:       
Type: Spherical Pressurized Tank 
 
  
Material: Carbon Steel 
 
  
Capacity: 16,800 gal 
 
  
Temperature: 666 °F 
 
  
Pressure: 86 psi 
 
  
PURCHASE COST: $92,800 
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STORAGE TANK 
IDENTIFICATION: ST-503 
FUNCTION: To hold the condensed Dowtherm temporarily from  
OPERATION: Continuous 
DESIGN DATA:       
Type: Spherical Pressurized Tank 
 
  
Material: Carbon Steel 
 
  
Capacity: 24,600 gal 
 
  
Temperature: 606 °F 
 
  
Pressure: 50 psi 
 
  
TOTAL DIRECT MATERIALS & LABOR COST: $125,000 
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APPENDIX E: SAMPLE ASPEN PLUS SIMULATION RESULTS 
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REACTOR 1 (R-101) BLOCK REPORT 
 
 BLOCK:  R-101    MODEL: RSTOIC           
 ------------------------------ 
   INLET STREAM:          6        
   OUTLET STREAM:         7        
   PROPERTY OPTION SET:   NRTL-RK   RENON (NRTL) / REDLICH-KWONG                 
   HENRY-COMPS ID:        HC-1     
 
                      ***  MASS AND ENERGY BALANCE  *** 
                              IN          OUT       GENERATION   RELATIVE 
DIFF. 
   TOTAL BALANCE 
   MOLE(LBMOL/HR)         3637.63       5159.89       1522.26       0.00000     
   MASS(LB/HR   )         155476.       155476.                    0.187191E-
15 
   ENTHALPY(BTU/HR  )   -0.332444E+09 -0.286134E+09               -0.139302     
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             0.00000      LB/HR            
    PRODUCT STREAMS CO2E          5493.51      LB/HR            
    NET STREAMS CO2E PRODUCTION   5493.51      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION         5493.51      LB/HR            
 
                          ***  INPUT DATA  *** 
   STOICHIOMETRY MATRIX: 
 
    REACTION #   1: 
     SUBSTREAM MIXED   : 
     ETHAN-01  -1.00    ACETA-01   1.00    HYDRO-01   1.00     
 
    REACTION #   2: 
     SUBSTREAM MIXED   : 
     ETHAN-01  -1.00    HYDRO-01   1.00    METHA-01   1.00    CARBO-01   1.00     
 
    REACTION #   3: 
     SUBSTREAM MIXED   : 
     HYDRO-01   1.00    CARBO-01  -1.00    CARBO-02   1.00    WATER     -1.00     
 
    REACTION #   4: 
     SUBSTREAM MIXED   : 
     ETHAN-01  -1.00    HYDRO-01   2.00    ACETI-01   1.00    WATER     -1.00     
 
    REACTION #   5: 
     SUBSTREAM MIXED   : 
     ETHAN-01  -2.00    DIETH-01   1.00    WATER      1.00     
 
    REACTION #   6: 
     SUBSTREAM MIXED   : 
     ETHAN-01  -1.00    ACETI-01  -1.00    ETHYL-01   1.00    WATER      1.00     
 
 
   REACTION CONVERSION SPECS: NUMBER=    6 
     REACTION #   1: 
     SUBSTREAM:MIXED    KEY COMP:ETHAN-01 CONV FRAC: 0.4600     
     REACTION #   2: 
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     SUBSTREAM:MIXED    KEY COMP:ETHAN-01 CONV FRAC: 0.7500E-02 
     REACTION #   3: 
     SUBSTREAM:MIXED    KEY COMP:CARBO-01 CONV FRAC: 0.5000     
     REACTION #   4: 
     SUBSTREAM:MIXED    KEY COMP:ETHAN-01 CONV FRAC: 0.1250E-01 
     REACTION #   5: 
     SUBSTREAM:MIXED    KEY COMP:ETHAN-01 CONV FRAC: 0.1250E-01 
     REACTION #   6: 
     SUBSTREAM:MIXED    KEY COMP:ETHAN-01 CONV FRAC: 0.7500E-02 
 
 
   TWO    PHASE  TP  FLASH 
   SPECIFIED TEMPERATURE F                                 595.400       
   PRESSURE DROP         PSI                                 5.58446     
   MAXIMUM NO. ITERATIONS                                   30 
   CONVERGENCE TOLERANCE                                     0.000100000 
   SERIES REACTIONS 
   GENERATE COMBUSTION REACTIONS FOR FEED SPECIES          NO   
 
                           ***  RESULTS  *** 
   OUTLET TEMPERATURE    F                                    595.40     
   OUTLET PRESSURE       PSIA                                 29.539     
   HEAT DUTY             BTU/HR                              0.46310E+08 
   VAPOR FRACTION                                             1.0000     
 
   REACTION EXTENTS: 
 
      REACTION          REACTION 
      NUMBER            EXTENT   
                        LBMOL/HR         
      1                  1474.8     
      2                  12.985     
      3                  6.4924     
      4                  21.479     
      5                  10.605     
      6                  12.567     
 
   V-L PHASE EQUILIBRIUM :  
 
      COMP              F(I)           X(I)           Y(I)           K(I)       
      ETHAN-01         0.32231        0.73855        0.32231         9.3798     
      ACETA-01         0.28582        0.48317E-01    0.28582         157.13     
      HYDRO-01         0.29792        0.19819E-01    0.29792         327.94     
      METHA-01         0.25165E-02    0.46068E-04    0.25165E-02     1192.1     
      CARBO-01         0.12582E-02    0.41998E-04    0.12582E-02     651.23     
      CARBO-02         0.12582E-02    0.89681E-05    0.12582E-02     2999.1     
      ACETI-01         0.17271E-02    0.26461E-02    0.17271E-02     14.090     
      DIETH-01         0.20553E-02    0.17458        0.20553E-02    0.23672     
      ETHYL-01         0.24356E-02    0.41409E-02    0.24356E-02     12.418     
      WATER            0.82698E-01    0.11844E-01    0.82698E-01     153.54     
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HEAT EXCHANGER: E-101 BLOCK REPORT 
 
 BLOCK:  E-101    MODEL: HEATX            
 ----------------------------- 
   HOT SIDE: 
   --------- 
   INLET STREAM:          7        
   OUTLET STREAM:         8        
   PROPERTY OPTION SET:   NRTL-RK   RENON (NRTL) / REDLICH-KWONG                 
   HENRY-COMPS ID:        HC-1     
   COLD SIDE: 
   ---------- 
   INLET STREAM:          2        
   OUTLET STREAM:         3        
   PROPERTY OPTION SET:   NRTL-RK   RENON (NRTL) / REDLICH-KWONG                 
   HENRY-COMPS ID:        HC-1     
 
                      ***  MASS AND ENERGY BALANCE  *** 
                                    IN              OUT        RELATIVE DIFF. 
    TOTAL BALANCE 
       MOLE(LBMOL/HR)            8797.52         8797.52         0.00000     
       MASS(LB/HR   )            310953.         310953.         0.00000     
       ENTHALPY(BTU/HR  )      -0.721269E+09   -0.721269E+09    0.165277E-15 
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             5493.51      LB/HR            
    PRODUCT STREAMS CO2E          5493.51      LB/HR            
    NET STREAMS CO2E PRODUCTION   0.00000      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION         0.00000      LB/HR            
 
                          ***  INPUT DATA  *** 
 
   FLASH SPECS FOR HOT SIDE: 
   TWO    PHASE      FLASH 
   MAXIMUM NO. ITERATIONS                                   30 
   CONVERGENCE TOLERANCE                                     0.000100000 
 
   FLASH SPECS FOR COLD SIDE: 
   TWO    PHASE      FLASH 
   MAXIMUM NO. ITERATIONS                                   30 
   CONVERGENCE TOLERANCE                                     0.000100000 
 
   FLOW DIRECTION AND SPECIFICATION: 
     COUNTERCURRENT   HEAT EXCHANGER 
     SPECIFIED HOT OUTLET TEMP      
     SPECIFIED VALUE                F                      152.0000 
     LMTD CORRECTION FACTOR                                  1.00000 
 
   PRESSURE SPECIFICATION: 
     HOT  SIDE PRESSURE DROP        PSI                      7.3480 
     COLD SIDE PRESSURE DROP        PSI                      7.3480 
 
   HEAT TRANSFER COEFFICIENT SPECIFICATION: 
     HOT LIQUID    COLD LIQUID      BTU/HR-SQFT-R          149.6937 
     HOT 2-PHASE   COLD LIQUID      BTU/HR-SQFT-R          149.6937 
     HOT VAPOR     COLD LIQUID      BTU/HR-SQFT-R          149.6937 
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     HOT LIQUID    COLD 2-PHASE     BTU/HR-SQFT-R          149.6937 
     HOT 2-PHASE   COLD 2-PHASE     BTU/HR-SQFT-R          149.6937 
     HOT VAPOR     COLD 2-PHASE     BTU/HR-SQFT-R          149.6937 
     HOT LIQUID    COLD VAPOR       BTU/HR-SQFT-R          149.6937 
     HOT 2-PHASE   COLD VAPOR       BTU/HR-SQFT-R          149.6937 
     HOT VAPOR     COLD VAPOR       BTU/HR-SQFT-R          149.6937 
 
                        ***  OVERALL RESULTS  *** 
 
   STREAMS: 
                   -------------------------------------- 
                   |                                    | 
   7         ----->|                HOT                 |-----> 8        
   T=  5.9540D+02  |                                    |       T=  
1.5200D+02 
   P=  2.9539D+01  |                                    |       P=  
2.2191D+01 
   V=  1.0000D+00  |                                    |       V=  9.0749D-
01 
                   |                                    | 
   3         <-----|                COLD                |<----- 2        
   T=  2.2574D+02  |                                    |       T=  
8.0148D+01 
   P=  4.2471D+01  |                                    |       P=  
4.9819D+01 
   V=  4.4189D-01  |                                    |       V=  
0.0000D+00 
                   -------------------------------------- 
 
   DUTY AND AREA: 
     CALCULATED HEAT DUTY           BTU/HR            42388415.6970 
     CALCULATED (REQUIRED) AREA     SQFT                  7899.4396 
     ACTUAL EXCHANGER AREA          SQFT                  7899.4396 
     PER CENT OVER-DESIGN                                    0.0000 
 
   HEAT TRANSFER COEFFICIENT: 
     AVERAGE COEFFICIENT (DIRTY)    BTU/HR-SQFT-R          149.6937 
     UA (DIRTY)                     BTU/HR-R           1182495.9958 
 
   LOG-MEAN TEMPERATURE DIFFERENCE: 
     LMTD CORRECTION FACTOR                                  1.0000 
     LMTD (CORRECTED)               F                       35.8466 
     NUMBER OF SHELLS IN SERIES                               1 
 
   PRESSURE DROP: 
     HOTSIDE, TOTAL                 PSI                      7.3480 
     COLDSIDE, TOTAL                PSI                      7.3480 
 
   PRESSURE DROP PARAMETER: 
     HOT SIDE:                                             196.68     
     COLD SIDE:                                            2405.0     
 
                        ***  ZONE RESULTS  *** 
 
   TEMPERATURE LEAVING EACH ZONE: 
 
                                     HOT  
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         ------------------------------------------------------------- 
         |                   |                   |                   | 
 7       |        VAP        |        VAP        |        COND       | 8        
 ------> |                   |                   |                   |------> 
  595.4  |              288.3|              159.6|                   |  152.0 
         |                   |                   |                   | 
 3       |        BOIL       |        LIQ        |        LIQ        | 2        
 <------ |                   |                   |                   |<------ 
  225.7  |              231.1|              158.0|                   |   80.1 
         |                   |                   |                   | 
         ------------------------------------------------------------- 
                                     COLD 
 
   ZONE HEAT TRANSFER AND AREA: 
 
   ZONE       HEAT DUTY       AREA       LMTD       AVERAGE U       UA 
              BTU/HR          SQFT        F         BTU/HR-SQFT-R   BTU/HR-R         
     1   24860362.870       991.6326     167.4763   149.6937      148441.1039 
     2    8923961.474      3811.7548      15.6397   149.6937      570595.5063 
     3    8604091.353      3096.0523      18.5649   149.6937      463459.3856 
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DISTILLATION COLUMN: D-401 BLOCK REPORT 
 
 BLOCK:  D-401    MODEL: RADFRAC          
 ------------------------------- 
    INLETS   - 37-1     STAGE  12 
               32-1     STAGE  12 
    OUTLETS  - 38-1     STAGE   1 
               39-1     STAGE   1 
               45-1     STAGE  39 
   PROPERTY OPTION SET:   NRTL-RK   RENON (NRTL) / REDLICH-KWONG                 
   HENRY-COMPS ID:        HC-1     
 
                      ***  MASS AND ENERGY BALANCE  *** 
                                    IN              OUT        RELATIVE DIFF. 
    TOTAL BALANCE 
       MOLE(LBMOL/HR)            8125.34         8125.34       -0.223866E-15 
       MASS(LB/HR   )            287631.         287631.        0.437510E-09 
       ENTHALPY(BTU/HR  )      -0.751224E+09   -0.746243E+09   -0.662959E-02 
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             112.421      LB/HR            
    PRODUCT STREAMS CO2E          112.421      LB/HR            
    NET STREAMS CO2E PRODUCTION  0.361253E-04  LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION        0.361253E-04  LB/HR            
 
 
 
                         ********************** 
                         ****  INPUT DATA  **** 
                         ********************** 
 
   ****   INPUT PARAMETERS   **** 
 
    NUMBER OF STAGES                                        39 
    ALGORITHM OPTION                                      STANDARD     
    ABSORBER OPTION                                       NO       
    INITIALIZATION OPTION                                 STANDARD     
    HYDRAULIC PARAMETER CALCULATIONS                      NO       
    INSIDE LOOP CONVERGENCE METHOD                        BROYDEN  
    DESIGN SPECIFICATION METHOD                           NESTED   
    MAXIMUM NO. OF OUTSIDE LOOP ITERATIONS                  40 
    MAXIMUM NO. OF INSIDE LOOP ITERATIONS                   10 
    MAXIMUM NUMBER OF FLASH ITERATIONS                      30 
    FLASH TOLERANCE                                          0.000100000 
    OUTSIDE LOOP CONVERGENCE TOLERANCE                       0.000100000 
 
   ****   COL-SPECS   **** 
 
    MOLAR VAPOR DIST / TOTAL DIST                            0.020000    
    MOLAR REFLUX RATIO                                       6.00000     
    MOLAR DISTILLATE RATE          LBMOL/HR              1,212.54        
 
   ****    PROFILES   **** 
 
    P-SPEC          STAGE   1  PRES, PSIA                  125.000       
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   **** TRAY MURPHREE EFFICIENCY **** 
 
                  SEGMENT   2 38  EFFICIENCY                 0.40200     
 
                          ******************* 
                          ****  RESULTS  **** 
                          ******************* 
 
 
   ***   COMPONENT SPLIT FRACTIONS   *** 
 
                             OUTLET STREAMS  
                             -------------- 
                  38-1         39-1         45-1     
    COMPONENT: 
    ETHAN-01    .29702E-07   .95577E-04   .99990     
    ACETA-01    .20673E-03   .41719E-01   .95807     
    HYDRO-01    .98479       .15210E-01   0.0000     
    METHA-01    .97692       .23084E-01   0.0000     
    CARBO-01    .98353       .16465E-01   0.0000     
    CARBO-02    .75996       .24004       0.0000     
    ACETI-01    .96811E-09   .11903E-04   .99999     
    DIETH-01    .35555E-04   .13297E-01   .98667     
    ETHYL-01    .14746E-06   .25188E-03   .99975     
    WATER       .13115E-03   .21263E-01   .97861     
    ETHYL-02    .45010E-01   .95401       .98376E-03 
    TRANS-01    .24014E-07   .58739E-04   .99994     
    N-BUT-01    .91269E-09   .16361E-04   .99998     
    1-BUT-01    .13091E-03   .19141E-01   .98073     
    1:3-B-01    .12460E-01   .97793       .96148E-02 
 
  
   ***    SUMMARY OF KEY RESULTS    *** 
 
    TOP STAGE TEMPERATURE          F                       107.245       
    BOTTOM STAGE TEMPERATURE       F                       280.161       
    TOP STAGE LIQUID FLOW          LBMOL/HR              7,275.25        
    BOTTOM STAGE LIQUID FLOW       LBMOL/HR              6,912.80        
    TOP STAGE VAPOR FLOW           LBMOL/HR                 24.2508      
    BOILUP VAPOR FLOW              LBMOL/HR              6,102.92        
    MOLAR REFLUX RATIO                                       6.00000     
    MOLAR BOILUP RATIO                                       0.88284     
    CONDENSER DUTY (W/O SUBCOOL)   BTU/HR                   -0.781791+08 
    REBOILER DUTY                  BTU/HR                    0.831589+08 
 
   ****   MAXIMUM FINAL RELATIVE ERRORS   **** 
 
    DEW POINT                       0.13791E-02  STAGE= 16 
    BUBBLE POINT                    0.35172E-03  STAGE= 18 
    COMPONENT MASS BALANCE          0.15647E-05  STAGE= 24 COMP=ACETI-01 
    ENERGY BALANCE                  0.12639E-03  STAGE= 39 
 
 
   ****    PROFILES   **** 
 
   **NOTE** REPORTED VALUES FOR STAGE LIQUID AND VAPOR RATES ARE THE FLOWS 
            FROM THE STAGE INCLUDING ANY SIDE PRODUCT. 
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                                          ENTHALPY 
 STAGE TEMPERATURE   PRESSURE             BTU/LBMOL          HEAT DUTY 
       F             PSIA           LIQUID       VAPOR        BTU/HR   
 
   1   107.24        125.00        25013.       23070.      -.78179+08 
   2   141.81        125.10        24959.       34218.                 
   3   144.24        125.20        23865.       33419.                 
   4   145.75        125.30        22623.       32514.                 
  10   156.13        125.90        5396.6       21145.                 
  11   159.70        126.00       -1086.9       17057.                 
  12   180.35        126.10       -56551.       13233.                 
  13   182.54        126.20       -58877.       9293.3                 
  25   212.36        127.40       -90982.      -55857.                 
  26   213.80        127.50       -92672.      -59554.                 
  27   215.06        127.60       -94205.      -62845.                 
  38   258.99        128.70      -0.10887E+06  -88827.                 
  39   280.16        128.80      -0.11233E+06  -91327.       .83159+08 
 
 STAGE     FLOW RATE                  FEED RATE               PRODUCT RATE 
            LBMOL/HR                   LBMOL/HR                 LBMOL/HR 
       LIQUID     VAPOR       LIQUID    VAPOR    MIXED      LIQUID    VAPOR 
   1  8464.      24.25                                     1188.2916   
24.2508 
   2  8031.      8488.                                                         
   3  7980.      9243.                                                         
   4  7935.      9193.                                                         
  10  7529.      8857.                                                         
  11  7014.      8741.                 748.0668                                
  12 0.1403E+05  7478.      7377.2738                                          
  13 0.1403E+05  7120.                                                         
  25 0.1426E+05  7334.                                                         
  26 0.1426E+05  7343.                                                         
  27 0.1425E+05  7345.                                                         
  38 0.1302E+05  6341.                                                         
  39  6913.      6103.                                     6912.7982           
 
    ****  MASS FLOW PROFILES  **** 
 
 STAGE     FLOW RATE                  FEED RATE               PRODUCT RATE 
            LB/HR                      LB/HR                    LB/HR    
       LIQUID     VAPOR       LIQUID    VAPOR    MIXED      LIQUID    VAPOR 
   1 0.4230E+06  847.4                                     .59392+05  
847.4261 
   2 0.4046E+06 0.4239E+06                                                     
   3 0.4037E+06 0.4648E+06                                                     
   4 0.4023E+06 0.4639E+06                                                     
  10 0.3849E+06 0.4506E+06                                                     
  11 0.3587E+06 0.4451E+06            .36761+05                                
  12 0.5906E+06 0.3821E+06  .25087+06                                          
  13 0.5895E+06 0.3632E+06                                                     
  25 0.5912E+06 0.3640E+06                                                     
  26 0.5905E+06 0.3638E+06                                                     
  27 0.5892E+06 0.3631E+06                                                     
  38 0.4701E+06 0.2626E+06                                                     
  39 0.2274E+06 0.2427E+06                                 .22739+06           
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                         ****   MOLE-X-PROFILE     **** 
   STAGE     ETHAN-01      ACETA-01      HYDRO-01      METHA-01      CARBO-01 
      1    0.20585E-03   0.13893E-01   0.85077E-04   0.43316E-05   0.70310E-
06 
      2    0.35484E-03   0.18437E-01   0.43092E-06   0.20507E-07   0.32281E-
08 
      3    0.59767E-03   0.23971E-01   0.36302E-06   0.16633E-07   0.27576E-
08 
      4    0.99320E-03   0.30706E-01   0.46662E-06   0.22869E-07   0.36904E-
08 
     10    0.18545E-01   0.10420       0.26989E-05   0.24377E-06   0.31088E-
07 
     11    0.29953E-01   0.12104       0.29612E-05   0.28329E-06   0.35309E-
07 
     12    0.19446       0.88285E-01   0.51635E-07   0.85614E-08   0.71307E-
09 
     13    0.19529       0.98013E-01   0.59328E-09   0.20321E-09   0.10522E-
10 
     25    0.20431       0.23920       0.13928E-33   0.57218E-30   0.49792E-
34 
     26    0.20586       0.24543       0.10601E-35   0.86450E-32   0.48343E-
36 
     27    0.20796       0.25038       0.82058E-38   0.13232E-33   0.47657E-
38 
     38    0.36539       0.12901       0.19858E-61   0.19936E-54   0.93606E-
61 
     39    0.37019       0.54844E-01   0.86246E-64   0.11112E-56   0.41141E-
63 
 
                         ****   MOLE-X-PROFILE     **** 
   STAGE     CARBO-02      ACETI-01      DIETH-01      ETHYL-01      WATER    
      1    0.10552E-03   0.44853E-06   0.19288E-02   0.64305E-05   0.65564E-
01 
      2    0.15024E-05   0.78859E-06   0.29116E-02   0.10912E-04   0.71353E-
01 
      3    0.31967E-06   0.13538E-05   0.43090E-02   0.18103E-04   0.74533E-
01 
      4    0.32064E-06   0.22931E-05   0.62868E-02   0.29632E-04   0.76044E-
01 
     10    0.62335E-06   0.49164E-04   0.47003E-01   0.49813E-03   0.72509E-
01 
     11    0.73193E-06   0.82032E-04   0.62234E-01   0.78696E-03   0.74224E-
01 
     12    0.17868E-06   0.32316E-02   0.43052E-01   0.24338E-02   0.29395     
     13    0.15290E-07   0.32349E-02   0.48068E-01   0.24464E-02   0.29590     
     25    0.11519E-21   0.32085E-02   0.12353       0.25698E-02   0.31428     
     26    0.35194E-23   0.32104E-02   0.12692       0.25970E-02   0.31558     
     27    0.10752E-24   0.32151E-02   0.12940       0.26350E-02   0.31715     
     38    0.17390E-41   0.38400E-02   0.51691E-01   0.54259E-02   0.42239     
     39    0.33218E-43   0.64776E-02   0.24602E-01   0.43874E-02   0.51870     
 
                         ****   MOLE-X-PROFILE     **** 
   STAGE     ETHYL-02      TRANS-01      N-BUT-01      1-BUT-01      1:3-B-01 
      1    0.62933E-01   0.31328E-05   0.41118E-06   0.66511E-03   0.85461     
      2    0.38710E-01   0.53797E-05   0.72381E-06   0.85415E-03   0.86736     
      3    0.25407E-01   0.90301E-05   0.12440E-05   0.10918E-02   0.87006     
      4    0.17695E-01   0.14955E-04   0.21092E-05   0.13850E-02   0.86684     
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     10    0.52468E-02   0.27283E-03   0.45603E-04   0.42033E-02   0.74743     
     11    0.45529E-02   0.43906E-03   0.76247E-04   0.46807E-02   0.70193     
     12    0.40159E-02   0.47187E-02   0.21642E-02   0.47335E-02   0.35896     
     13    0.34427E-02   0.47287E-02   0.21670E-02   0.47954E-02   0.34191     
     25    0.42644E-03   0.47439E-02   0.21571E-02   0.53812E-02   0.10020     
     26    0.35575E-03   0.47511E-02   0.21599E-02   0.54568E-02   0.87677E-
01 
     27    0.29660E-03   0.47637E-02   0.21652E-02   0.55517E-02   0.76488E-
01 
     38    0.26401E-04   0.61536E-02   0.29696E-02   0.72440E-02   0.58593E-
02 
     39    0.11155E-04   0.91676E-02   0.43200E-02   0.58579E-02   0.14443E-
02 
 
                         ****   MOLE-Y-PROFILE     **** 
   STAGE     ETHAN-01      ACETA-01      HYDRO-01      METHA-01      CARBO-01 
      1    0.31345E-05   0.33733E-02   0.26990       0.89826E-02   0.20580E-
02 
      2    0.20527E-03   0.13863E-01   0.85599E-03   0.29984E-04   0.65810E-
05 
      3    0.33476E-03   0.17814E-01   0.71943E-03   0.24141E-04   0.54925E-
05 
      4    0.54546E-03   0.22614E-01   0.72332E-03   0.24270E-04   0.55222E-
05 
     10    0.99553E-02   0.77963E-01   0.75224E-03   0.25329E-04   0.57492E-
05 
     11    0.16000E-01   0.91641E-01   0.76268E-03   0.25719E-04   0.58317E-
05 
     12    0.22466E-01   0.10419       0.91509E-05   0.73410E-06   0.98562E-
07 
     13    0.23832E-01   0.12076       0.10177E-06   0.16874E-07   0.14054E-
08 
     25    0.45709E-01   0.39821       0.36433E-31   0.74884E-28   0.10163E-
31 
     26    0.48161E-01   0.41275       0.27040E-33   0.11108E-29   0.96667E-
34 
     27    0.51195E-01   0.42482       0.20578E-35   0.16782E-31   0.93844E-
36 
     38    0.30552       0.27528       0.71559E-59   0.47721E-52   0.30606E-
58 
     39    0.35997       0.21301       0.42254E-61   0.42392E-54   0.19917E-
60 
 
                         ****   MOLE-Y-PROFILE     **** 
   STAGE     CARBO-02      ACETI-01      DIETH-01      ETHYL-01      WATER    
      1    0.16370E-01   0.17876E-08   0.25271E-03   0.18447E-06   0.19815E-
01 
      2    0.15199E-03   0.44725E-06   0.19240E-02   0.64126E-05   0.65433E-
01 
      3    0.57818E-04   0.74281E-06   0.27782E-02   0.10308E-04   0.70474E-
01 
      4    0.57100E-04   0.12333E-05   0.39906E-02   0.16547E-04   0.73229E-
01 
     10    0.59412E-04   0.25645E-04   0.30359E-01   0.27298E-03   0.71571E-
01 
     11    0.60295E-04   0.42405E-04   0.40746E-01   0.42991E-03   0.71418E-
01 
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     12    0.40473E-05   0.75914E-04   0.52388E-01   0.51529E-03   0.72404E-
01 
     13    0.35217E-06   0.79812E-04   0.60966E-01   0.53704E-03   0.75718E-
01 
     25    0.73150E-20   0.12749E-03   0.20862       0.81886E-03   0.11938     
     26    0.22364E-21   0.13099E-03   0.21665       0.85864E-03   0.12182     
     27    0.68319E-23   0.13526E-03   0.22322       0.91194E-03   0.12440     
     38    0.13891E-39   0.64725E-03   0.10791       0.57210E-02   0.27522     
     39    0.36711E-41   0.85238E-03   0.82375E-01   0.66021E-02   0.31330     
 
                         ****   MOLE-Y-PROFILE     **** 
   STAGE     ETHYL-02      TRANS-01      N-BUT-01      1-BUT-01      1:3-B-01 
      1    0.14549       0.62760E-07   0.11239E-08   0.22289E-03   0.53353     
      2    0.63169E-01   0.31241E-05   0.41001E-06   0.66385E-03   0.85369     
      3    0.42104E-01   0.50769E-05   0.68172E-06   0.82820E-03   0.86484     
      4    0.30575E-01   0.82442E-05   0.11330E-05   0.10343E-02   0.86718     
     10    0.13991E-01   0.14708E-03   0.23743E-04   0.32692E-02   0.79158     
     11    0.13478E-01   0.23541E-03   0.39333E-04   0.37113E-02   0.76140     
     12    0.91801E-02   0.38349E-03   0.67538E-04   0.35228E-02   0.73479     
     13    0.79043E-02   0.39899E-03   0.71136E-04   0.36417E-02   0.70610     
     25    0.98226E-03   0.56718E-03   0.11660E-03   0.48111E-02   0.22066     
     26    0.81740E-03   0.57934E-03   0.12104E-03   0.49324E-02   0.19317     
     27    0.68009E-03   0.59433E-03   0.12685E-03   0.50794E-02   0.16884     
     38    0.63068E-04   0.21835E-02   0.10645E-02   0.89236E-02   0.17462E-
01 
     39    0.43669E-04   0.27396E-02   0.14400E-02   0.88141E-02   0.10860E-
01 
 
                         ****   K-VALUES           **** 
   STAGE     ETHAN-01      ACETA-01      HYDRO-01      METHA-01      CARBO-01 
      1    0.15224E-01   0.24280        3170.0        2071.0        2923.9     
      2    0.35494E-01   0.43326        2457.0        1885.7        2539.8     
      3    0.35475E-01   0.44525        1964.6        1439.7        1975.2     
      4    0.35703E-01   0.45383        1538.5        1052.9        1483.6     
     10    0.51869E-01   0.55303        273.02        101.57        181.04     
     11    0.58995E-01   0.59077        233.46        82.247        149.66     
     12    0.10504       0.90300        438.23        210.42        341.07     
     13    0.11036       0.94216        423.65        203.69        329.49     
     25    0.20600        1.5748        261.53        131.13        204.55     
     26    0.21228        1.6080        255.71        128.68        200.26     
     27    0.21823        1.6373        251.36        126.97        197.17     
     38    0.61414        2.8502        360.62        239.43        327.13     
     39    0.97239        3.8839        489.96        381.52        484.16     
 
                         ****   K-VALUES           **** 
   STAGE     CARBO-02      ACETI-01      DIETH-01      ETHYL-01      WATER    
      1     155.06       0.39851E-02   0.13102       0.28684E-01   0.30191     
      2     194.38       0.95000E-02   0.22428       0.56559E-01   0.81201     
      3     184.19       0.95296E-02   0.22618       0.56437E-01   0.89124     
      4     176.71       0.96376E-02   0.22922       0.56782E-01   0.93710     
     10     93.256       0.14437E-01   0.31721       0.79331E-01   0.99017     
     11     74.681       0.16356E-01   0.35386       0.88845E-01   0.93360     
     12     53.415       0.21686E-01   0.92267       0.19839       0.22934     
     13     54.353       0.22699E-01   0.96231       0.20537       0.23720     
     25     63.526       0.38126E-01    1.5926       0.29576       0.36855     
     26     63.585       0.38882E-01    1.6305       0.30041       0.37454     
     27     63.554       0.39552E-01    1.6676       0.30511       0.37884     
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     38     79.856       0.89028E-01    2.8245       0.81300       0.51703     
     39     110.52       0.13159        3.3485        1.5048       0.60401     
 
                         ****   K-VALUES           **** 
   STAGE     ETHYL-02      TRANS-01      N-BUT-01      1-BUT-01      1:3-B-01 
      1     2.3122       0.20032E-01   0.27327E-02   0.33515       0.62429     
      2     2.4426       0.40590E-01   0.79129E-02   0.49081       0.96523     
      3     2.3321       0.40231E-01   0.80730E-02   0.47759       0.99007     
      4     2.2878       0.40383E-01   0.82182E-02   0.47386        1.0053     
     10     2.8121       0.57402E-01   0.12048E-01   0.62130        1.1193     
     11     2.9838       0.63873E-01   0.13710E-01   0.67335        1.1653     
     12     2.7604       0.76409E-01   0.28694E-01   0.70764        2.1657     
     13     2.7836       0.79144E-01   0.30098E-01   0.72170        2.2095     
     25     2.8829       0.11576       0.51004E-01   0.86025        2.6096     
     26     2.8750       0.11730       0.52107E-01   0.86327        2.6193     
     27     2.8681       0.11865       0.53150E-01   0.86588        2.6298     
     38     3.4839       0.22035       0.17026        1.2547        4.6566     
     39     3.9146       0.29885       0.33334        1.5046        7.5194     
 
                         ****   MASS-X-PROFILE     **** 
   STAGE     ETHAN-01      ACETA-01      HYDRO-01      METHA-01      CARBO-01 
      1    0.18973E-03   0.12245E-01   0.34314E-05   0.13903E-05   0.39403E-
06 
      2    0.32446E-03   0.16121E-01   0.17242E-07   0.65300E-08   0.17947E-
08 
      3    0.54431E-03   0.20875E-01   0.14467E-07   0.52751E-08   0.15270E-
08 
      4    0.90246E-03   0.26679E-01   0.18553E-07   0.72361E-08   0.20388E-
08 
     10    0.16712E-01   0.89792E-01   0.10643E-06   0.76503E-07   0.17034E-
07 
     11    0.26984E-01   0.10427       0.11673E-06   0.88875E-07   0.19340E-
07 
     12    0.21286       0.92412E-01   0.24733E-08   0.32635E-08   0.47459E-
09 
     13    0.21407       0.10274       0.28457E-10   0.77571E-10   0.70126E-
11 
     25    0.22697       0.25410       0.67703E-35   0.22135E-30   0.33631E-
34 
     26    0.22897       0.26104       0.51594E-37   0.33484E-32   0.32693E-
36 
     27    0.23169       0.26675       0.40005E-39   0.51338E-34   0.32283E-
38 
     38    0.46609       0.15736       0.11084E-62   0.88556E-55   0.72598E-
61 
     39    0.51845       0.73449E-01   0.52855E-65   0.54194E-57   0.35033E-
63 
 
                         ****   MASS-X-PROFILE     **** 
   STAGE     CARBO-02      ACETI-01      DIETH-01      ETHYL-01      WATER    
      1    0.92915E-04   0.53891E-06   0.28604E-02   0.11336E-04   0.23632E-
01 
      2    0.13124E-05   0.93996E-06   0.42835E-02   0.19082E-04   0.25514E-
01 
      3    0.27812E-06   0.16072E-05   0.63140E-02   0.31532E-04   0.26544E-
01 
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      4    0.27832E-06   0.27161E-05   0.91910E-02   0.51493E-04   0.27020E-
01 
     10    0.53665E-06   0.57755E-04   0.68153E-01   0.85854E-03   0.25553E-
01 
     11    0.62991E-06   0.96334E-04   0.90207E-01   0.13559E-02   0.26149E-
01 
     12    0.18685E-06   0.46112E-02   0.75824E-01   0.50952E-02   0.12583     
     13    0.16011E-07   0.46223E-02   0.84777E-01   0.51286E-02   0.12684     
     25    0.12225E-21   0.46462E-02   0.22079       0.54596E-02   0.13653     
     26    0.37395E-23   0.46546E-02   0.22713       0.55243E-02   0.13726     
     27    0.11444E-24   0.46693E-02   0.23196       0.56146E-02   0.13818     
     38    0.21191E-41   0.63851E-02   0.10609       0.13237E-01   0.21070     
     39    0.44443E-43   0.11826E-01   0.55437E-01   0.11752E-01   0.28408     
 
                         ****   MASS-X-PROFILE     **** 
   STAGE     ETHYL-02      TRANS-01      N-BUT-01      1-BUT-01      1:3-B-01 
      1    0.35323E-01   0.51489E-05   0.60979E-06   0.74664E-03   0.92489     
      2    0.21554E-01   0.87713E-05   0.10649E-05   0.95122E-03   0.93122     
      3    0.14090E-01   0.14664E-04   0.18228E-05   0.12110E-02   0.93037     
      4    0.97908E-02   0.24231E-04   0.30836E-05   0.15327E-02   0.92480     
     10    0.28794E-02   0.43841E-03   0.66123E-04   0.46134E-02   0.79087     
     11    0.24977E-02   0.70529E-03   0.11052E-03   0.51357E-02   0.74249     
     12    0.26769E-02   0.92101E-02   0.38117E-02   0.63105E-02   0.46136     
     13    0.22980E-02   0.92425E-02   0.38219E-02   0.64020E-02   0.44006     
     25    0.28848E-03   0.93968E-02   0.38556E-02   0.72805E-02   0.13069     
     26    0.24095E-03   0.94226E-02   0.38653E-02   0.73919E-02   0.11450     
     27    0.20123E-03   0.94636E-02   0.38813E-02   0.75331E-02   0.10006     
     38    0.20507E-04   0.13996E-01   0.60947E-02   0.11254E-01   0.87756E-
02 
     39    0.95139E-05   0.22894E-01   0.97345E-02   0.99918E-02   0.23751E-
02 
 
                         ****   MASS-Y-PROFILE     **** 
   STAGE     ETHAN-01      ACETA-01      HYDRO-01      METHA-01      CARBO-01 
      1    0.41324E-05   0.42527E-02   0.15570E-01   0.41239E-02   0.16496E-
02 
      2    0.18936E-03   0.12229E-01   0.34554E-04   0.96323E-05   0.36913E-
05 
      3    0.30666E-03   0.15604E-01   0.28839E-04   0.77012E-05   0.30592E-
05 
      4    0.49793E-03   0.19740E-01   0.28893E-04   0.77153E-05   0.30650E-
05 
     10    0.90157E-02   0.67514E-01   0.29809E-04   0.79878E-05   0.31656E-
05 
     11    0.14476E-01   0.79282E-01   0.30194E-04   0.81029E-05   0.32079E-
05 
     12    0.20254E-01   0.89820E-01   0.36100E-06   0.23047E-06   0.54026E-
07 
     13    0.21523E-01   0.10429       0.40218E-08   0.53069E-08   0.77173E-
09 
     25    0.42429E-01   0.35346       0.14798E-32   0.24206E-28   0.57361E-
32 
     26    0.44783E-01   0.36701       0.11002E-34   0.35970E-30   0.54652E-
34 
     27    0.47701E-01   0.37850       0.83901E-37   0.54451E-32   0.53164E-
36 
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     38    0.33992       0.29288       0.34838E-60   0.18489E-52   0.20704E-
58 
     39    0.41703       0.23598       0.21421E-62   0.17103E-54   0.14029E-
60 
 
                         ****   MASS-Y-PROFILE     **** 
   STAGE     CARBO-02      ACETI-01      DIETH-01      ETHYL-01      WATER    
      1    0.20617E-01   0.30721E-08   0.53604E-03   0.46511E-06   0.10215E-
01 
      2    0.13395E-03   0.53784E-06   0.28557E-02   0.11314E-04   0.23605E-
01 
      3    0.50598E-04   0.88701E-06   0.40948E-02   0.18059E-04   0.25246E-
01 
      4    0.49796E-04   0.14675E-05   0.58613E-02   0.28889E-04   0.26141E-
01 
     10    0.51399E-04   0.30274E-04   0.44236E-01   0.47280E-03   0.25346E-
01 
     11    0.52112E-04   0.50010E-04   0.59312E-01   0.74386E-03   0.25267E-
01 
     12    0.34857E-05   0.89213E-04   0.75991E-01   0.88844E-03   0.25526E-
01 
     13    0.30384E-06   0.93960E-04   0.88588E-01   0.92758E-03   0.26741E-
01 
     25    0.64866E-20   0.15426E-03   0.31157       0.14537E-02   0.43335E-
01 
     26    0.19866E-21   0.15877E-03   0.32414       0.15270E-02   0.44298E-
01 
     27    0.60811E-23   0.16428E-03   0.33464       0.16250E-02   0.45326E-
01 
     38    0.14764E-39   0.93870E-03   0.19317       0.12173E-01   0.11974     
     39    0.40630E-41   0.12873E-02   0.15355       0.14628E-01   0.14194     
 
                         ****   MASS-Y-PROFILE     **** 
   STAGE     ETHYL-02      TRANS-01      N-BUT-01      1-BUT-01      1:3-B-01 
      1    0.11680       0.14753E-06   0.23840E-08   0.35788E-03   0.82587     
      2    0.35486E-01   0.51389E-05   0.60857E-06   0.74586E-03   0.92469     
      3    0.23487E-01   0.82928E-05   0.10048E-05   0.92400E-03   0.93022     
      4    0.16996E-01   0.13419E-04   0.16642E-05   0.11500E-02   0.92948     
     10    0.77156E-02   0.23750E-03   0.34596E-04   0.36057E-02   0.84170     
     11    0.74253E-02   0.37977E-03   0.57256E-04   0.40894E-02   0.80882     
     12    0.50398E-02   0.61648E-03   0.97966E-04   0.38680E-02   0.77780     
     13    0.43470E-02   0.64252E-03   0.10337E-03   0.40056E-02   0.74874     
     25    0.55523E-03   0.93876E-03   0.17415E-03   0.54390E-02   0.24049     
     26    0.46285E-03   0.96056E-03   0.18109E-03   0.55859E-02   0.21090     
     27    0.38587E-03   0.98742E-03   0.19016E-03   0.57640E-02   0.18471     
     38    0.42729E-04   0.43318E-02   0.19055E-02   0.12092E-01   0.22812E-
01 
     39    0.30808E-04   0.56594E-02   0.26842E-02   0.12437E-01   0.14773E-
01 
 
                         ****   MURPHREE EFF       **** 
   STAGE     ETHAN-01      ACETA-01      HYDRO-01      METHA-01      CARBO-01 
      1     1.0000        1.0000        1.0000        1.0000        1.0000     
      2    0.40200       0.40200       0.40200       0.40200       0.40200     
      3    0.40200       0.40200       0.40200       0.40200       0.40200     
      4    0.40200       0.40200       0.40200       0.40200       0.40200     
     10    0.40200       0.40200       0.40200       0.40200       0.40200     
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     11    0.40200       0.40200       0.40200       0.40200       0.40200     
     12    0.40200       0.40200       0.40200       0.40200       0.40200     
     13    0.40200       0.40200       0.40200       0.40200       0.40200     
     25    0.40200       0.40200       0.40200       0.40200       0.40200     
     26    0.40200       0.40200       0.40200       0.40200       0.40200     
     27    0.40200       0.40200       0.40200       0.40200       0.40200     
     38    0.40200       0.40200       0.40200       0.40200       0.40200     
     39     1.0000        1.0000        1.0000        1.0000        1.0000     
 
                         ****   MURPHREE EFF       **** 
   STAGE     CARBO-02      ACETI-01      DIETH-01      ETHYL-01      WATER    
      1     1.0000        1.0000        1.0000        1.0000        1.0000     
      2    0.40200       0.40200       0.40200       0.40200       0.40200     
      3    0.40200       0.40200       0.40200       0.40200       0.40200     
      4    0.40200       0.40200       0.40200       0.40200       0.40200     
     10    0.40200       0.40200       0.40200       0.40200       0.40200     
     11    0.40200       0.40200       0.40200       0.40200       0.40200     
     12    0.40200       0.40200       0.40200       0.40200       0.40200     
     13    0.40200       0.40200       0.40200       0.40200       0.40200     
     25    0.40200       0.40200       0.40200       0.40200       0.40200     
     26    0.40200       0.40200       0.40200       0.40200       0.40200     
     27    0.40200       0.40200       0.40200       0.40200       0.40200     
     38    0.40200       0.40200       0.40200       0.40200       0.40200     
     39     1.0000        1.0000        1.0000        1.0000        1.0000     
 
                         ****   MURPHREE EFF       **** 
   STAGE     ETHYL-02      TRANS-01      N-BUT-01      1-BUT-01      1:3-B-01 
      1     1.0000        1.0000        1.0000        1.0000        1.0000     
      2    0.40200       0.40200       0.40200       0.40200       0.40200     
      3    0.40200       0.40200       0.40200       0.40200       0.40200     
      4    0.40200       0.40200       0.40200       0.40200       0.40200     
     10    0.40200       0.40200       0.40200       0.40200       0.40200     
     11    0.40200       0.40200       0.40200       0.40200       0.40200     
     12    0.40200       0.40200       0.40200       0.40200       0.40200     
     13    0.40200       0.40200       0.40200       0.40200       0.40200     
     25    0.40200       0.40200       0.40200       0.40200       0.40200     
     26    0.40200       0.40200       0.40200       0.40200       0.40200     
     27    0.40200       0.40200       0.40200       0.40200       0.40200     
     38    0.40200       0.40200       0.40200       0.40200       0.40200     
     39     1.0000        1.0000        1.0000        1.0000        1.0000     
 
 
 
 
                    ******************************** 
                    ***** HYDRAULIC PARAMETERS ***** 
                    ******************************** 
 
 
       *** DEFINITIONS *** 
 
        MARANGONI INDEX = SIGMA - SIGMATO 
        FLOW PARAM = (ML/MV)*SQRT(RHOV/RHOL) 
        QR = QV*SQRT(RHOV/(RHOL-RHOV)) 
        F FACTOR = QV*SQRT(RHOV) 
          WHERE: 
          SIGMA IS THE SURFACE TENSION OF LIQUID FROM THE STAGE 
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          SIGMATO IS THE SURFACE TENSION OF LIQUID TO THE STAGE 
          ML IS THE MASS FLOW OF LIQUID FROM THE STAGE 
          MV IS THE MASS FLOW OF VAPOR TO THE STAGE 
          RHOL IS THE MASS DENSITY OF LIQUID FROM THE STAGE 
          RHOV IS THE MASS DENSITY OF VAPOR TO THE STAGE 
          QV IS THE VOLUMETRIC FLOW RATE OF VAPOR TO THE STAGE 
 
 
                     TEMPERATURE 
                         F    
 STAGE       LIQUID FROM       VAPOR TO 
    1         107.24            141.81     
    2         141.81            144.24     
    3         144.24            145.75     
    4         145.75            147.00     
   10         156.13            159.70     
   11         159.70            182.08     
   12         180.35            182.54     
   13         182.54            185.05     
   25         212.36            213.80     
   26         213.80            215.06     
   27         215.06            216.40     
   38         258.99            280.16     
   39         280.16            280.16     
 
 
             MASS FLOW                VOLUME FLOW         MOLECULAR WEIGHT 
              LB/HR                    CUFT/HR  
 STAGE LIQUID FROM  VAPOR TO   LIQUID FROM  VAPOR TO   LIQUID FROM  VAPOR TO 
    1  0.42302E+06 0.42387E+06  11398.     0.37817E+06  49.981      49.938     
    2  0.40461E+06 0.46485E+06  11322.     0.41244E+06  50.382      50.290     
    3  0.40369E+06 0.46393E+06  11258.     0.41052E+06  50.585      50.466     
    4  0.40233E+06 0.46257E+06  11189.     0.40886E+06  50.701      50.566     
   10  0.38487E+06 0.44511E+06  10510.     0.39846E+06  51.120      50.920     
   11  0.35867E+06 0.41891E+06  9734.2     0.39462E+06  51.137      50.922     
   12  0.59056E+06 0.36317E+06  14558.     0.34074E+06  42.086      51.011     
   13  0.58953E+06 0.36214E+06  14501.     0.34185E+06  42.027      50.902     
   25  0.59119E+06 0.36380E+06  14119.     0.36790E+06  41.470      49.544     
   26  0.59054E+06 0.36315E+06  14075.     0.36848E+06  41.420      49.444     
   27  0.58918E+06 0.36178E+06  14015.     0.36862E+06  41.350      49.317     
   38  0.47007E+06 0.24268E+06  10998.     0.34582E+06  36.116      39.765     
   39  0.22739E+06  0.0000      5260.3      0.0000      32.894     
 
 
               DENSITY                  VISCOSITY         SURFACE TENSION 
               LB/CUFT                   CP                  DYNE/CM  
 STAGE LIQUID FROM  VAPOR TO     LIQUID FROM  VAPOR TO      LIQUID FROM 
    1   37.115       1.1208      0.12181      0.10258E-01    13.790     
    2   35.737       1.1271      0.10252      0.10282E-01    12.184     
    3   35.856       1.1301      0.10338      0.10300E-01    12.368     
    4   35.956       1.1314      0.10405      0.10318E-01    12.479     
   10   36.618       1.1171      0.10796      0.10513E-01    12.568     
   11   36.846       1.0616      0.11016      0.10843E-01    12.741     
   12   40.566       1.0658      0.17893      0.10853E-01    25.311     
   13   40.653       1.0593      0.17878      0.10903E-01    25.356     
   25   41.873      0.98885      0.17749      0.11337E-01    25.421     
   26   41.955      0.98553      0.17792      0.11350E-01    25.449     
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   27   42.039      0.98146      0.17853      0.11366E-01    25.500     
   38   42.740      0.70176      0.18756      0.12943E-01    28.478     
   39   43.228                   0.18357                     31.281     
 
 
       MARANGONI INDEX   FLOW PARAM          QR          REDUCED F-FACTOR 
 STAGE    DYNE/CM                          CUFT/HR       (LB-CUFT)**.5/HR 
    1                    0.17343           66733.          0.40036E+06 
    2   -1.6057          0.15458           74428.          0.43786E+06 
    3   0.18391          0.15448           74057.          0.43641E+06 
    4   0.11100          0.15428           73693.          0.43488E+06 
   10   0.57167E-01      0.15102           70682.          0.42114E+06 
   11   0.17306          0.14533           67967.          0.40658E+06 
   12   0.81498          0.26358           55972.          0.35178E+06 
   13   0.44309E-01      0.26279           55917.          0.35185E+06 
   25   0.18829E-01      0.24972           57217.          0.36585E+06 
   26   0.28153E-01      0.24923           57150.          0.36580E+06 
   27   0.51068E-01      0.24883           56993.          0.36519E+06 
   38   0.40730          0.24820           44681.          0.28970E+06 
   39    2.8024                            0.0000           0.0000     
 
 
 
 
                 ************************************  
                 ***** TRAY SIZING CALCULATIONS *****  
                 ************************************  
 
 
    ******************* 
    *** SECTION   1 *** 
    ******************* 
 
    STARTING STAGE NUMBER                                         2 
    ENDING STAGE NUMBER                                          38 
    FLOODING CALCULATION METHOD                               GLITSCH  
 
    DESIGN PARAMETERS              
    -----------------              
    PEAK CAPACITY FACTOR                                      1.00000     
    SYSTEM FOAMING FACTOR                                     1.00000     
    FLOODING FACTOR                                           0.80000     
    MINIMUM COLUMN DIAMETER         FT                        1.00000     
    MINIMUM DC AREA/COLUMN AREA                               0.100000    
    HOLE AREA/ACTIVE AREA                                     0.12000     
 
    TRAY SPECIFICATIONS         
    -------------------         
    TRAY TYPE                                                 SIEVE        
    NUMBER OF PASSES                                              1 
    TRAY SPACING                    FT                        2.00000     
 
 
            ***** SIZING RESULTS @ STAGE WITH MAXIMUM DIAMETER ***** 
 
    STAGE WITH MAXIMUM DIAMETER                                   2 
    COLUMN DIAMETER                 FT                       11.8809      
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    DC AREA/COLUMN AREA                                       0.100000    
    DOWNCOMER VELOCITY              FT/SEC                    0.28368     
    FLOW PATH LENGTH                FT                        8.16275     
    SIDE DOWNCOMER WIDTH            FT                        1.85907     
    SIDE WEIR LENGTH                FT                        8.63279     
    CENTER DOWNCOMER WIDTH          FT                        0.0         
    CENTER WEIR LENGTH              FT                        0.0         
    OFF-CENTER DOWNCOMER WIDTH      FT                        0.0         
    OFF-CENTER SHORT WEIR LENGTH    FT                        0.0         
    OFF-CENTER LONG WEIR LENGTH     FT                        0.0         
    TRAY CENTER TO OCDC CENTER      FT                        0.0         
 
 
                          **** SIZING PROFILES **** 
 
       STAGE    DIAMETER      TOTAL AREA   ACTIVE AREA   SIDE DC AREA 
                  FT            SQFT         SQFT           SQFT     
          2       11.881        110.86       88.691        11.086     
          3       11.844        110.18       88.146        11.018     
          4       11.807        109.48       87.585        10.948     
          5       11.769        108.79       87.034        10.879     
          6       11.731        108.08       86.464        10.808     
          7       11.687        107.27       85.815        10.727     
          8       11.633        106.29       85.032        10.629     
          9       11.563        105.01       84.006        10.501     
         10       11.464        103.22       82.574        10.322     
         11       11.108        96.915       77.532        9.6915     
         12       11.345        101.09       80.871        10.109     
         13       11.327        100.76       80.608        10.076     
         14       11.311        100.48       80.381        10.048     
         15       11.299        100.27       80.216        10.027     
         16       11.300        100.28       80.227        10.028     
         17       11.296        100.22       80.179        10.022     
         18       11.307        100.41       80.328        10.041     
         19       11.312        100.49       80.394        10.049     
         20       11.317        100.59       80.472        10.059     
         21       11.320        100.65       80.518        10.065     
         22       11.327        100.76       80.609        10.076     
         23       11.327        100.77       80.613        10.077     
         24       11.324        100.71       80.565        10.071     
         25       11.315        100.55       80.437        10.055     
         26       11.299        100.27       80.219        10.027     
         27       11.273        99.815       79.852        9.9815     
         28       11.241        99.242       79.394        9.9242     
         29       11.193        98.405       78.724        9.8405     
         30       11.128        97.257       77.806        9.7257     
         31       11.037        95.678       76.543        9.5678     
         32       10.916        93.585       74.868        9.3585     
         33       10.759        90.922       72.738        9.0922     
         34       10.566        87.684       70.147        8.7684     
         35       10.342        84.005       67.204        8.4005     
         36       10.103        80.173       64.138        8.0173     
         37       9.8691        76.497       61.198        7.6497     
         38       9.6099        72.532       58.026        7.2532     
 
                       ***  ASSOCIATED  UTILITIES  *** 
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 UTILITY USAGE:  U-WATER   (WATER)        
 ------------------------------ 
 CONDENSER                  2.6148+06                       24.5267 
                        -------------                     ------------- 
 TOTAL:                     2.6148+06  LB/HR                24.5267  $/HR             
                        ============= 
 UTILITY USAGE:  U-50PSI1  (STEAM)        
 ------------------------------ 
 REBOILER                   8.3076+04                      249.2273 
                        -------------                     ------------- 
 TOTAL:                     8.3076+04  LB/HR               249.2273  $/HR             
                        ============= 
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APPENDIX H: PROBLEM STATEMENT 
  
Butadiene from Ethanol   
(recommended by Bruce M. Vrana, DuPont)  
The discovery and exploitation of large quantities of shale gas in the United States has resulted in 
large shifts in the petrochemical market in the past few years. Copious quantities of inexpensive 
ethane in shale gas have increased the amount of ethane used in ethylene crackers. One of the 
consequences of this feedstock shift is that significantly less butadiene is made when ethane is 
cracked. The price of butadiene has increased from an average of $0.60/lb prior to the discovery, 
to over $1.60/lb today. This has increased pressure on making butadiene on purpose from other 
feedstocks.  
 
Prior to and during World War II, butadiene was made from ethanol. The global growth of the 
petrochemical industry made that route uneconomical. However, with the increase in the cost of, 
and limited supply of, butadiene from ethylene crackers, and the growing production of ethanol, 
companies are beginning to consider this technology again. A side benefit is the renewable 
feedstock, reducing our dependence on fossil fuels.  
 
To take advantage of the long-term price projections for butadiene, as well as ensure supply for 
your own needs, your team has been assembled to design a plant to make 200,000 tonnes of 
butadiene per year from ethanol. Assume that the long-term price for butadiene is $1.50/lb in 
2012 dollars. Obviously, test how sensitive your economics are to the selling price.  
 
Little is known today about the process, other than what was published shortly after World War 
II. The most successful process was the Ostromislensky process, developed and operated by 
Carbide and Carbon Chemicals Corporation. The reaction occurs in two steps: vapor-phase 
dehydrogenation of ethanol to acetaldehyde, and the reaction of ethanol and acetaldehyde over a 
fixed-bed tantala on silica catalyst to butadiene at 350°C. Optimal conditions for the second step 
are a 0.6/hr liquid-hourly-space-velocity, and a 2.65:1 molar ratio of ethanol to acetaldehyde. 
The catalyst must be regenerated by burning off coke at 400°C every 4-5 days, so your plant 
design must take that into consideration.  
 
The United States and Brazil produce most of the world’s ethanol by fermentation of local 
agricultural feedstocks. The U.S. industry is almost entirely based on corn, while Brazil uses 
sugar cane. Process efficiencies in both countries have improved dramatically in recent years, 
with increasing ethanol production for use in transportation fuels; thus, do not use process or cost 
data that is more than 2-3 years old. You may locate your plant in either the U.S. or Brazil, using 
appropriate construction costs for your location, and local ethanol costs and specs.  
 
If you decide to locate in Brazil, one important factor to consider in your economics is that 
ethanol price increases dramatically during the inter-harvest period, typically 3-4 months of the 
year when sugar cane cannot be harvested and local ethanol plants shut down. In recent years, 
Brazil has imported ethanol from the U.S. during this part of the year. Corn ethanol in the U.S. 
has no such restriction, as corn can be stored year-round. Be sure to include freight to your plant 
site in the cost of the ethanol.  
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You will need to make many assumptions to complete your design, since the data you have is far 
from complete. State them explicitly in your report, so that management may understand the 
uncertainty in your design and economic projections before considering the next step toward 
commercialization – designing and running a pilot plant. Test your economics to reasonable 
ranges of your assumptions. If there are any possible “show-stoppers” (i.e., possible fatal flaws, 
if one assumption is incorrect that would make the design either technically infeasible or 
uneconomical), these need to be clearly communicated and understood before proceeding. 
 
The plant design should be as environmentally friendly as possible, at a minimum meeting 
Federal and state emissions regulations. Recover and recycle process materials to the maximum 
economic extent. Also, energy consumption should be minimized, to the extent economically 
justified. The plant design must also be controllable and safe to operate. Remember that you will 
be there for the plant start-up and will have to live with whatever design decisions you have 
made. 
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